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Abstract

In the present study, a new dynamic fluidized bed reactor (FBR) model is developed to
account for the effect of bubble growth in the bed height on the dynamic behaviour of the
reactor and the molecular properties of the polymer product. The model takes into account the
existence of solid catalyst in both phases and consequently, the occurrence of polymerization
reaction in both bubble and emulsion phases. A dynamic two-phase model is employed for
predicting the key hydrodynamic parameters of the bed. A comprehensive kinetic model for
ethylene polymerization in the presence of multiple-site Ziegler-Natta catalyst is considered
to describe the number and molecular weight averages and molecular weight distribution of
polymer in the FBR. The hydrodynamic model and the kinetic model have been coupled and
solved simultaneously to simulate the performance of the fluidized bed reactor.

The study incorporates the effects of the most important reactor parameters such as
superficial gas velocity, mean particle size, inlet gas temperature, bubble size, recycle stream
and chain transfer agent on the steady-state behaviour of the FBR. The proposed dynamic

model is capable of predicting both the performance of the reactor and the polymer

physicochemical properties.
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Nomenclature

A Reactor cross-sectional area, cm?

[4] Cocatalyst concentration

Ar Archimedes number

Ajf, Fraction of metal with j“‘ catalyst active site, mol metal/mol potential active site

C'(j) Concentration of j”‘ potential active site, mol/em®
Cp,  Molar specific heat capacity, cal/mol/K

Cp,  Specific heat capacity of polymer, cal/g/K

et et oo il e T o 3 s B BT 3 DA . I AT T

d Diameter, cm
d, Initial bubble size, cm
d,, Equilibrium bubble size, cm
dyn Maximum stable bubble size, cm
$
; d, Particle diameter, cm
‘ D Reactor diameter, cm
D, Gas self-diffusion coefficient, cm®/s

Dy Hydrogen self-diffusion coefficient, cm?/s

D, Hydraulic diameter of bed, cm

E Activation energy
g Gravitational acceleration, cm/s”
h Random bed height, cm

H Bed height, cm

[H,] Hydrogen concentration, mol/cm’

H,, Bubble to cloud heat transfer coefficient, cal/em?/s/K
H, Cloud to emulsion heat transfer coefficient, cal/cn’/s/K
H,, Bubble to emulsion heat transfer coefficient, cal/em®/s/K

k,(j) Rate constant of spontaneous deactivation for " site, 1/s

i X Vil
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R*(0,j) Concentration of uninitiated sites of type *j* produced by formation reaction,

mol/cm®
R (r.))

Ry(..))

R.,()

R;/ (US))

Formation rate constant for j™ site, cm*/mol/s
Gas thermal conductivity, cal/cm/s/K
Rate constant of initiation of j site by cocatalyst, cm*/mol/s
Propagation rate constant for j'™ site, cm*/mol/s
Rate constant of chain transfer by cocatalyst forjlh site, cm>/mol/s
Rate constant of chain transfer by hydrogen for j site, cm®/mol/s
Rate constant of chain transfer by monomer for j*" site, cm*/mol/s
Rate constant of spontaneous chain transfer for j* site, 1/s
Bubble to cloud mass transfer coefficient, 1/s
Cloud to emulsion mass transfer coefficient, 1/s
Ovcrall bubble to emulsion mass transfer coefficient (for monomer), 1/s
Overall bubble to emulsion mass transfer coefficient (for hydrogen), 1/s
Mass fraction of polymer produced with j" site
Number of nuzzles on the distributor plate
Total number of active sites
‘Monomer concentration, mol/em®

Number average molecular weight of “bulk” polymer, g/mol

Weight average molecular weight of “bulk” polymer, g/mol
Molecular weight of monomer, g/mol

The length (in polymer units) of a polymer chain

Concentration of live polymer chains of length r at site j, mol/cm®

Concentration of " site produced by transfer to cocatalyst, mol/cm®

Concentration of deactivated j‘h site, mol/em®

Concentration of uninitiated j“‘ site produced by transfer to hydrogen, mol/cm?
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P(r, [} Concentration of dead polymer of chain length r produced atj"’ site, mol/cm®

Reynolds humber
Overall rate of polymerization at j* catalyst active site, mol/em®/s

Rate of cocatalyst at j'" catalyst active site, mol/cm’/s

R,,(j) Rate of chain transfer agent at j[h catalyst active site, mol/cm®/s

Temperature, K
Time, s
Velocity, cm/s

Bubble risc velocity, cm/s

Reactor volume, cm®

w(r, ;) Weight chain length distribution of chains of length r at “j* catalyst active site

Number average degree of polymerization

Empty orbital (Figure 2.2)

Greek letters

5
Af;
Ah
AH

£
A
a7

H

¢,
(/)

Volume fraction of bubbles

First forward difference

Step size, cm

Heat of polymerization, cal/g

Mean voidage

Live polymer moment for jlh site, mol/cm’
Bulk polymer moment for j* site, mol/cm’
Viscosity, g/cm/s

Density, g/cm3
Correction factor

A geometrical constant in Equation (3.5)

Particle sphericity

Ratio of the total rate of transfer to the total rate of propagation at i site

X1ix
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Subscripts and superscripts 1

0 Entrance or superficial conditions

b Bubble property

e Emulsion property ‘
g Gas property b
i Number of grid points :
7 Type of catalyst active site ’
mf Minimum fluidization conditions :
polym Polymer property :
T Terminal property 5
s Solid property
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CHAPTER 1: INTRODUCTION

s PR MR

Polyethylene (PE) is one of the largest synthetic commodity and engineering polymers and

is widely used throughout the world for its versatile physical and chemical properties.

15 N QU T g R g

Characteristics of polyethylene include excellent toughness, good tear and burst strength,
excellent chemical resistance, translucency, low heat resistance and low price because of
| simiple production processes. The wide range of PE properties gives rise to a wide range of
| applications including coatings, packaging, fibres, films, plastic-ware and automotive parts.
Polyethylene was originally produced by high-pressure, high-temperature free radical
polymerization on commercial scale for the production of flexible polymer referred to as low-
density polyethylene (LDPE). The invention of Ziegler-Natta catalysts in early fifty’s led to
the production of other polyethylene types such as: High-density polyethylene (HDPE) and
linear low-density polyethylene (LLDPE). High-density polyethylene is a highly crystalline
polymer with no long or short chain branching. Because of its crystalline structure, it

produces more rigid polymer products in comparison with other types of polyethylene (Figure

1.1). LLDPE is a copolymer of ethylene and a-olefins. For the incorporation of these two

) monomers, the LLDPE polymer product has short chain branching and consequently, is less

dense and less crystalline than HDPE.

Modern polyethylene plants are continuous processes using Ziegler-Natta catalyst in bulk,
solution, slurry or gas phase. In particular, the gas phase polymerization process is one of the
i most modern and versatile techniques. Due to its technological and economical advantages,
the gas phase polymerization has been challenging other processes particularly for market
share. It offers several distinguished characteristics making it a unique process (Xie et al.,
1994):

4 e It is a dry process since it does not involve any liquid in the reaction zone. Thus, it is

free of mass and heat transfer limitations inherent to viscous slurry and bulk systems.

The catalyst/polymer system in the gas phase fluidized bed reactor has a good heat

transfer.
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This process can also produce polymers with a wide range of densities and molecular
weight distributions (MWDs).

Production of high comonomer content polymers, such as high impact ethylene-
propylene copolymers is another major advantage of the gas phase process.

» There are no solvent removal costs.

Figure 1. 1: Schematic molecular structure of high-density polyethylene (HDPE)

Figure 1. 2: Schematic molecular structure of low-density polyethylene (LDPE)

1.1 Literature Review

This investigation requires the study of the hydrodynamic behaviour, heat/mass transfer,
reaction rates and flow patterns in a conventional fluidized bed reactor (FBR) for predicting
its characteristics and behaviour. In a gas-solid fluidized bed reactor, the flow and contacting
patterns are important factors to study and model. Early models of gas-solid fluidized bed
reactors were generated on simple contacting models and flow patterns such as plug, mixed,

and dispersion flows. After the development of a two-region model by Toomey and Johnstone

(1952), several models have been derived to describe their performance.
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Hydrodynamic models interpret the behaviour of fluidized beds in physical terms such as
bubble performance and gas jets behaviour. They include three-phase models (Kunii and
Levenspiel, 1968) and two-phase models (Davidson and Harrison, 1963; Kato and Wen,
1969; Fryer and Potter, 1976). Some of the two-region models consider the cloud as a part of
the bubble or the emulsion; others assume bubble, cloud, and emulsion as three different
phases with the wake being a part of the cloud or the bubble.

McAuley et al. (1990) developed a model for gas phase ethylene copolymerization in a
fluidized bed reactor using Ziegler-Natta catalyst with multiple active sites. Applying
Stockmayer’s bivariate distribution function to each active site, they calculated average
molecular weights and copolymer distributions for ethylene copolymers.

Choi and Ray (1985) proposed a FBR model, based on the concept of two-phase
fluidization. The model incorporates temperature and concentration variations within the gas
bubble phase throughout the bed and interaction of separate emulsion and bubble phases.
McAuley et al. (1994) revised the model of Choi and Ray (1985), constant mean bubble size
model, establishing a maximum stable bubble size. In the model of McAuley et al. (1994) it is
assumed that there is unrestricted heat and mass transfer rate between the bubble and
emulsion phase. However, this assumption is valid when small bubbles are presented in the
bed also when the rate of heat and mass transfer between phases is relatively high. In both
studies the emulsion phase was considered to behave as a fully mixed reactor.

Hatzantonis et al. (2000) extended previous work on gas phase olefin polymerization
reactors to account for the effects of varying bubble size. In their study, a comprehensive
kinetic model was proposed for ethylene copolymerization in the presence of multi-site
Ziegler-Natta catalysts. The study compared the proposed bubble growth model with the
previous well-mixed and constant bubble size models. The constant bubble size model over-
predicted the emulsion phase temperature and monomer conversion; the well-mixed model
underestimated them, whereas the proposed model showed an intermediate behaviour.

Fernandes et al. (2000) studied the influence of prepolymerization on the behaviour of
fluidized bed reactors, related mainly to the temperature and concentration gradients
throughout the bed. They demonstrated that the use of prepolymerized catalyst particles could

reduce the reaction activity in the catalyst-feeding region, leading to lower temperature

gradient in the bed.
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Fernandes et al. (2001a) proposed a new steady-state model incorporating interactions
between separate bubbles, emulsion gas phase and emulsion solid particles. The main
difference of this model with previous ones is that the emulsion phase is considered to be in a
counter-current plug flow regime. It differs from conventional well-mixed fluidized bed
models by assuming particle segregation within the bed.

Moreover, Fernandes et al. (2001b) developed a heterogeneous dynamic model describing
the behaviour of fluidized bed reactors in polymer production. The model focuses mainly on
the influence of polymer yield and variations in operational condition on reactor behaviour
and polymer properties. More recéntly, Fernandes et al. (2002) studied the effect of mass
diffusion into polymer particles in a fluidized bed reactor. Polymer particle growth was
considered for low and high reactor residence times. The study showed that the influence of
intraparticle mass transfer is important for low residence time but also insignificant for high
residence time.

Alizadeh et al. (2004) developed a pseudo-homogeneous model for predicting the behaviour
of a LLDPE fluidized bed reactor. In particular, average concentrations of particles were
predicted based on a dynamic two-phase structure. ‘

Most of the previous models assumed well-mixed flow regimes in the emulsion phase. It
should be emphasized that such assumption is reasonable only for laboratory scale and pilot-
plant fluidized bed reactors which are violently fluidized with a height to diameter ratio close
to one (Lynch and Wanke, 1991). However, for industrial large-scale fluidized bed reactors
with a bed height to diameter ratio much greater than one, this assumption is not acceptable.
Besides, based on the correlation of Wu and Baeyens (1998). the mixing index in a fluidized
bed reactor ranges from 0.4 to 0.5, which can be interpreted as a poor mixing. Further,
according to the study of Davidson (1992) on pilot-plant and industrial reactors, it is much
more plausible to consider a plug flow regime in both emulsion and bubble phases.

In spite of several cfforts on modeling fluidized bed reactors (FBRs) for simple first order
catalytic reactions, only a limited number of studies tried to model the catalytic gas-phase
olefin polymerization in fluidized bed reactors. The gas phase polymerization process
involves a complex physicochemical transition from gaseous monomer to solid polymer.
Therefore, a deep understanding of transport phenomena and chemical reactions is required to

model gas-phase fluidized bed reactors. The main objective of the current dynamic model is

. Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.
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to achieve a comprehensive understanding of the effect of operational parameters on
performance of industrial polyethylene reactors and polymer properties. The model gives
insight as to which conditions would optimize reactor performance in order to increase
monomer conversion. Specifically, the model can verify how changes in reactor key
parameters, such as superficial gas velocity, mean particle size, bubble size and inlet
temperature, will influence the dynamic and steady state behaviour of FBRs.

The thesis is organized into six chapters. In Chapter 2 a brief description is presented for
the PE gas phase polymerization process and the Ziegler-Natta catalyst system. Chapter 3
describes the hydrodynamics of bubbling fluidized bed and important empirical and semi-
empirical correlations for predicting hydrodynamics key parameters. The reaction mechanism
and kinetic model for ethylene polymerization with Ziegler-Natta catalyst is introduced in
detail in Chapter 4. Dynamic molar species and energy'balances are derived to predict
concentration of the reactants (monomer, catalyst, cocatalyst, chain transfer agent), the
reaction temperature and the average molecular properties of polymer (number average,
molecular weight average and molecular weight distribution) in the fluidized bed reactor.
Furthermore, the numerical approach to solve the dynamic model is described in detail. The
complementary results and discussion for the application of the model and the effect of
important parameters on the behaviour of the FBR are discussed in Chapter 5. Finally a

summary concludes the thesis.
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CHAPTER 2: DESCRIPTION U * THE POLYMERIZATION PROCESS

2.1 Polymerization Fluidized Bed Reactor

Fluidized beds utilizing solid catalysts for olefin polymerization have been long recognized
as important manufacturing processes. The first fluidized reactor for gas phase olefin
polymerization was constructed by Union Carbide Company. The process commonly called
UNIPOL has become the dominant option for producing HDPE and LLDPE. In such a
process, small catalyst particles (e.g. 20-80 pm in diameter) are continuously fed into the
reactor (Hatzantonis et al., 1998). The catalyst can be injected at about 5-30 % of the bed
height above the distributor plate and react with the incoming fluidizing gas. Therefore, the
polymerization is started in the bed by means of the ascending gas stream comprising the
gaseous reaction monomer and the bed can be maintained in a fluidized state. An inert diluent
gas such as argon and nitrogen or a gaseous chain transfer agent like hydfogen is preferably
used to carry the catalyst in the bed. The fluidized bed reactor consists of a reaction zone and
a disengagement zone. The latter is normally larger in diameter than the polymerization zone
to reduce the gas flow and facilitate the settling of solid particles. To maintain a stable
fluidized bed, superficial flow through the bed is about 3-6 times the minimum flow required
for the fluidization (Wagner et al., 1981). The reactor usually operates at pressure between
20-35 atm and temperatures between 86-110 °C for HDPE and 30-85 °C for LLDPE
productions.

In industrial fluidized bed reactors it is necessary to use a fluidization grid or distributor
plate to allow the gas spreading out in the bed. The grid can also act as a support for the bed
in case the gas supply is cut-off. The polymer product is continuously withdrawn from the
reactor at a point just above the distributor plate.

Polymerization of olefins is an exothermic reaction; it is therefore necessary to remove the
heat of reaction. The heat of reaction is removed by unreacted gases exiting the bed that are
subsequently compressed, cooled up to above recycle gas dew point and recycled back into
the reactor. The temperature of the recycled gas mixture can be adjusted in a heat exchanger
to maintain the FBR temperature at a desired value. .

During start-up, the reaction zone is usually charged with a base of polymer particles before

introducing monomer gas into the reactor. This can prevent the formation of localized “hot
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spots™ and distribute evenly the powderv : -:Jyst. During reactor operation, the polymer

product is continuously withdrawn at a

- zo that the fluidized bed is maintained at a
constant level (Figure 2.1). The polymer pro.uct is continuously withdrawn at a point close to
the distributor plate through the sequential operation of a pair of timed valves. While the
second valve (V2) is closed, the first valve is opened to emit a plug of gas and product to the
segregation zone between it and valve V1, which is then closed. Afterwards, the second valve
is opened to deliver the product to an external recovery system. This valve is then closed to

await the next product recovery operation (Wagner et al. 1981).

Recycle gas

Cyclone

Gas analyzer

V3

Catalyst

feeder

Reactor Filter
Inert gas g

O Timer

\—/ Product
Gas feed ———4 ‘ @ ,

Heat exchanger Q

Cocatalyst . Compressor

Figure 2.1: Schematic diagram of a fluidized bed reactor for olefin polymerization (Unipol

process), Jorgensen et al., 1982.
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2.2 Catalysts for Gas Phase Polymerization

Catalyst development plays an important role in polymerization of olefins especially in gas

phase polymerization of ethylene. There are several requirements for industrial catalysts used
in ethylene polymerization:

a) High productivity;

b) Proper kinetic behavior of polymerization;

c) Good catalyst morphology;

d) Good control of polymer morphology;

e) Easy feed to reactor;

f) Low cost and reproducible catalyst preparation;

g) Good comonomer incorporation.

Over the last decades, three major catalyst families have been used commercially in
ethylene polymerization. These catalysts include titanium/vanadium-based catalyst (Ziegler-
Natta catalyst), chromium oxide-based catalysts (Philips catalyst), and homogeneous catalysts
(Metallocene catalyst). A typical industrial catalyst consists of active metal, modifiers and

inert support (Xie et al., 1994). The Ti-based catalyst is usually prepared in three steps:

a) Preparation of a precursor containing Ti;
b) Incorporation of the precursor onto the support;

c) Activation of the catalyst.

These steps are usually accomplished by partial reaction of a catalyst and a cocatalyst. The
main solid catalyst prepared using method 2 in Table 2.1, is then impregnated onto a porous
support, such as silica or magnesium halide. The support is then impregnated with the
precursor by dissolving the precursor in the electron donor compound. Afterwards, the
solvent should be removed by drying at a temperature up to 80 °C (Jorgensen et al., 1982).
When the size of catalyst is relatively small (method 3 in Table 2.1), the catalyst particles
cannot be used directly in the bed. In this case, the precursor and cocatalyst are converted into

prepolymer particles in a prepolymerization stage and then the prepolymer is fed to the bed.

_ I;'{e"p.rgduced with permission of the copyright owner. Further reproduction prohibited without permission.
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Hence, the role of prepolymerization is to form a support for gas phase ethylene

i

\‘ e . .

\ - polymerization, instead of silica support.
i

Table 2.1 Operational methods to produce high activity catalyst (Karol, 1984)

1. Chemical anchoring to surface of support:

(a) TiCl, ! Mg(OH)CI

(b) CrO,/Si0,

() (CsH),CrlSio,

2. Formation of bimetallic complexes:

(a) MgCl, +2TiCl, + 8POCI, — [TiCl, " [{Mg(POCL), " .2POCI,

(b) 2MgClL, + TiCl, + TTHF — [TiCI(THF)] [MngZ3(THF);]+

(c) MgCl, +TiCl, + 4CH,CO,C,H — TiMgCl (CH,CO,C,Hy),

3. Insertion into defects of support

(a) MgCl, + TiCI, +ethyl p—toluate — ball - milling

(b) MgCl, + TiCl, dioxane — ball - milling

4. Formation of high surface area sponge:

(@) TiCl, + Et,AICI = f~TiCl, xEtAICl, —2m e rogted solid — =
[TiCl, (EtAICL, )y 53 (ether) oo, ]

(h) Mg(OE, + TiCl, — [MgCl,.Mg(OE, (Mg(TiCl,)}

(¢) Mg(OEN, +Ti(O~nC,H,), + EtAICI, — trimetallic sponge

S. Formation of solid solution by cocrystallization (coprecipitation):

() EtMgCl +TiCl, — TiCl,.MgCl, + Organic fragments

Cr-based catalysts are the first generation of catalysts that have been used for gas phase
polymerization. The major difference between Cr-based and Ti-based catalysts is that the

Chromium oxide based catalyst produce polymers with broader molecular weight distribution

(MWD) than Ti-based catalysts (Method 1 in Table 2.1).
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Ziegler-Natta catalysts are a remarkable group of catalysts. They are especially useful
because they can make polymers that can’t be made by any other ways such as linear
unbranched polyethylene and isotactic polypropylene. Free radical vinyl polymerization can
only produce branched polyethylene and polypropylene cannot be polymerized by free radical
polymerization. There are different combinations of Ziegler-Natta catalysts but titanium-
aluminium systems, more specifically TiCl;y with AI(C,H;),Cl and TiCls with Al(C,Hs); are
the most studied systems. The first generation of Ziegler-Natta catalysts had very low activity.
However, for the new generation of Ziegler catalysts, increasing the effective surface area of
the active component has remarkably increased the activity of these catalysts. This is
accomplished by using a magnesium chloride (solid) support. Also by addition of electron-
donor additives stereospecificity was kept high. Therefore, a typical recipe for a present day
superactive catalyst system involves initial ball-milling (mechanical grinding or mixing) of

magnesium chloride (or the alkoxide) and TiCly followed by addition of Al(C,Hs); with an
organic Lewis base solvent (Chien et al., 1982).

2.3 Reaction Mechanism of Ziegler-Natta Polymerization

Quite a few structures have been proposed for the active sites in Ziegler-Natta catalyst
systems. However, due to the complexity of the components that can be produced by this
catalyst, the proposed structures in the literature are commonly diverse. The proposed active
centres fall into either of two general categories: monometallic mechanism and bimetallic
mechanism (Odian 1991). For monometallic centres the active site occurs at the transition
metal carbon bond, whereas bimetallic mechanisms maintain that the active site occurs as a

complex between the transition metal and the cocatalyst metal. Figure 2.2 illustrates these two
types of mechanism.

10
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igure 2.2: a) The monometallic active centre contrasted with b) the bimetallic active centre

(taken from Odian, 1991)

2.3.1 Propagation Mechanism

A typical propagation mechanism based on monometallic active sites is depicted in Figure
2.3. The reaction mechanism is called Cossee mechanism, which is currently the most widely
accepted mechanism explaining olefin insertion into a transition metal-carbon bond. At first,
monomer coordinates at the vacant orbital of transition metal. Then a complex is formed
involving the m-electrons of the alkene double bond and the empty orbitals of transition metal.
Afier olefin coordination at the vacant site, a four-membered transition state is formed with
the titanium and methylene of the Ti-C bond. Afterwards, the latter bond breaks and new Ti-C
and C-C o-bonds form between titanium, the last inserted monomer and the previously

attached alkyl group. The polymer chain moves into the coordination site formerly occupied

by the complexing monomer, and then a new vacant site for olefin coordination becomes

v available. Repetition of this process results in the propagation of the polymer chain (Figure
2.3).

The conventional cocatalyst usually used with Ziegler-Natta catalyst is aluminium alkyls
such as triethylaluminium (AlEt:). The main role of a cocatalyst is to activate a catalyst. In
addition, AlEt; also acts as a scavenger of impurities in the polymerization system (McAuley
et al., 1990). Other roles such as alkylating agent and reducing agent have been proposed by
some researchers. According to Chien et al. (1987), AlEt; can also reduce MgCl, support

particle size and increase surface area if AlEt; is used as an internal modifier during the

11
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support preparation. The optimum molar ratio of Al/Ti is in the range of 10-30 (Dusseault and
Hsu, 1993).

R R b

L | :

2 CH i1

S¢ CH, 2cl %l

L R k!

Cl- Tl i ! |CIH — C‘——-——Til_‘_ {CHQ }‘

ci ‘ 2 o I 4 i

cl i HaC 4

4

&

] :

¥

t

] “ |

H.C CH ‘ @

F:. ‘ : H2T """ CHy i

: < :

cn-—-—‘/n CH, P EH, !

€ Ci !

13

&

i

:

i

R 1

|

. CH, !

‘ Hol ;

/CH2 ! i

£t HaC CHy i

§ . Ll ]

3 [ l-._.\‘\\ ,I

Cle——Tj-~~n-- CHy Cl—7Ti— ] i

ci c ‘

c ;

Figure 2.3: Propagation mechanism for monometallic active site (Odian, 1991) :
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Metallocene catalyst is another class of catalysts besides the chromium and Zijegler-Natta 3
§

catalysts. Metallocenes are a relatively old class of organometallic complexes with Ferrocene i
being the first that was discovered in 1951. In contrast to Ziegler-Natta catalysts, which are M
heterogeneous and have multiple-active sites, metallocene catalysts are known as it
i

5
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homogeneous and single-sited catalysts. The manufacture of polyolefins by metallocene

catalyst presents a revolution in modern polymer industry. Polymerization of olefins with

single-site metallocene catalysts allows the production of polyolefins (e.g. polyethylene and

polypropylene) with a highly ordered and superior structure. Moreover, the structure of
metallocene catalysts can be varied in order to control the molecular structure of polymer and
eventually, the properties of the polymer.

At first, metallocene was used to describe a complex with a metal sandwich between two
eta-5-cyclopentadienyl (Cp) ligands. Later on, a large number of metallocene catalysts have
becn invented in a wide variety of organometallic structures such as those with substituted Cp

rings, those with bent sandwich structures, and the half-sandwich or mono-Cp complexes
(Figure 2.4).

-

I//‘C{‘A

~e

A % + MAO cocatalyst
IS

/ <
“ N~ \\\\;
% Homogeneous /
/ | S
.‘5)/ a0 Ti + MAO

ey
Zf + MAO + Support \S”‘"N/ @
@ l
R
ﬂ Constrained geometry
catalyst
\1\\\’\!&:‘ -
3\ + Support + B(CFs)4 I
' \T‘\\\\\h’b + B(C F ) -
B l/ ~y 6X's5)3
- - e
Sy
ﬁ ,\m'.\h:‘E‘ ____,,;;',J-J" }
py /T' - + Support 7 =
-G, S bz
/ "“'ril + B(CeFs)s
]

Figure 2.4: Evolution of metallocene catalysts
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Methylaluminoxane (MAQO) is a convenient cocatalyst for polymerization of olefins with
metallocene catalysts. MAO is produced by hydrolysis of Trimethylaluminium (AI(CHs;)s).
Up to now, experimental and theoretical evidence has revealed that a cationic alkyl-

metallocene complex is an active species in olefin polymerization. Furthermore, it is believed

that the role of MAO is to:

a) Alkylate the metallocene and form an active site;
b) Scavenge for impurities;
c) Stabilize the cationic centre in an ion pair interaction;

d) Prevent bimetallic deactivation from occurring.

Figure 2.5 depicts a schematic diagram of the formation of active site by metallocene

catalysts. It is believed that the reaction mechanism follows the Cossee-Arlman mechanism.
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Figure 2.5: The Cossce-Arlman mechanism for formation of metallocene active sites
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CHAPTER 3: HYDRODYNAMICS OF FLUIDIZED BEDS

Fixed bed reactors have several drawbacks for highly exothermic reactions. They favor the
production of unwanted by-products and also produce localized hot or cold spots in the bed.
However, in comparison with fixed beds, fluidized beds have several advantages. Once a
solid is fluidized in the bed, it behaves like a liquid. This liquid-like behaviour enables a
continuous feeding, handling and withdrawal of solids. These benefits of fluidized solids
raised interests for flow modeling and contacting patterns inside the FBR.

Fluidized bed reactor models rely heavily on the use of empirical and semi-empirical
correlations for predicting key model parameters, such as minimum fluidization velocity,
bubble size and interphase mass and heat transfer coefficients. The traditional two-phase
theory considers the existence of two phases only in a fluidized bed reactor, i.e. the solid free

bubbles (¢ =1) and emulsion phase (dense phase) at minimum fluidization (£ =¢,,). This

approach postulates that the bubbles are solid free; hence reactions occur in the emulsion
phase only. However, the actual flow structure in the fluidized beds is much more
complicated than that at the minimum fluidization, and the bubbles may contain various
amounts of particles as reported by Cui et al. (2000) and Li et al. (1996). Also the mean
voidage in the bubble and emulsion phases and, that of the phase fractions vary with the
superficial gas velocity. This phenomenon results in a dynamic gas-solid distribution of the
phases with the voidage, which has a considerable effect on mass/heat transfer and apparent
polymerization rate in fluidized bed reactors. The required hydrodynamic parameters and

mass/heat transfer correlations are presented in the next sections.

3.1 Minimum Fluidization Velocity

In FBR calculations the first step is to determine the minimum fluidization velocity, i.e. the
velocity at which the bed starts to fluidize. At the minimum fluidization velocity, all the
particles are essentially supported by the gas stream. The pressure drop through the bed is
defined as the weight divided by the cross-sectional area of the bed AP =W /A. Below the
minimum fluidization velocity, an increase in gas velocity usually causes an increase in

pressure drop (Figure 3.1). However, at minimum fluidization velocity, further increase in the

15
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velocity does not have any effect on pressure drop, which remains constant (provided

Uy < Uy ).
B
W JSND E £ €l
A A /‘; = - = e e
c N R . ABDEF, AB'DEF
SN e . Powder in a narrow tube or
? oSN ; Powder has been compacted
P I :
a -+ increasing Bed . AC'EFG, AC"FG
<] Particle Size : Powder of wide size distribution
5 . Distribution | Partial fluidization indicating
5 ' particle segregation
8 ; ACDEFG
o ' , Normal fluidization curve
Fully fluidized region
U,« Ur,‘
Fluidization Velocity —-=

Figure 3.1: Profile of pressure drop versus fluidization velocity for determination of minimum

fluidization velocity (Yang, 2003)

The minimum fluidization velocity can be calculated using Equation 3.1, which is a form of

Ergun equation for Geldart particles of type B (Lucas et al., 1986):
Re,, ={(29.5)° +0.03574r}""* —29.5 3.1

Re . and Ar are Reynolds and Archimedes numbers, respectively, defined as:

d
Re,, =2 P% (3.2)
He

- dng(ppa[ym _pg)g

Ar
He

(3.3)
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where p, is the gas density, p,,., is the bulk polymer density, sz, is the gas density,

r
the particle diameter and g is the gravitational acceleration.
From (3.1) and (3.2), the minimum fluidization velocity is:
Re,, My

d,Py

Yy T

(3.4)

3.2 Minimum Fluidization Porosity

The bed voidage at minimum fluidization can be estimated by the correlation of Broadhurst
and Becker (1975):

£, =0.58647"7( Hy _yoon P o
p}: g(plml_wu - pg )dp p/mlym

(3.5)

where ¢ is a geometrical constant (¢ = 0.7 in this study).

3.3 Bubble Size

Geldart (1973) classified different kinds of solid particles in a fluidized bed according to
their size and behavior. He came up with a simple classification of solids known as Geldart
classification: Geldart A, B, C and D (Figure 3.2).

The polymer particle for polymerization of ethylene is Geldart B with an average particle
size of about 0.05 cm. The initial bubble size d,, and the maximum stable bubble size d,,
are correlated by (Mori and Wen, 1975):

o
d

hm

= exp(—0. .)'—) (3.6)
- d/m

hin

For Geldart A particles, the bubble size correlation was established by Horio et al. (1987):

ﬁ \/\/—i‘__ [ ] j___ \\//—_ [ ] _exp(0_3__hb_) ) (37)

Where d,, is the equilibrium bubble size.

17
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Figure 3.2: Geldart classification of solids in bubbling FBR (Geldart, 1973)

Maximum Stable Bubble Size:

In a FBR, bubbles grow continuously due to pressure drop and bubble coalescence, until a
maximum stable size is reached (Hatzantonis et al., 2000). Bubbles, having exceeded the
maximum, will break up and become smaller in size to maintain system stability. According
to Davidson and Harrison (1963) bubbles may become unstable if their rising velocities

become larger than the terminal velocity of particles in the bed. The expected limiting size of
bubbles in a very deep bed is defined as:

d,, =2urlg (3.8)

where w,. is the terminal velocity of particles. Particles are blown out of the bed when the gas

velocity exceeds the terminal velocity. The terminal velocity according to Haider and
Levenspiel (1989) is given by:

l/~/- = u;'[lu_u p;2 (ppnlvm - p}: )g]”} (3'9)

And for irregularly shaped particles of sphericity ¢, :
uy =[18(d},)™ +2.335-1.744¢ )(d}, )] 7 exka brackef (3.10)

where the particle sphericity ¢, is defined as:
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¢, =(Surface of a sphere/surface of a particle) wim me same votume (3.11)

-and for 0.5<¢_ <1,

|
|
( Ay =, (17 0,0 — )1 3.12)

Since the above correlation usually gives conservative estimation of the maximum stable

bubble size, Grace (1986) recommended the use of a correction factor of 2.7 for particle size

(d',=2.7d ). Consequently, higher values of maximum stable bubble size may be obtained.

Initial Bubble Size:

The initial bubble size formed near the bottom of the bed is defined as (Mori and Wen,
1975):

or

dyo =138 [(uy —u,, )A/n, 1" For perforated plate (3.13)

where 1, is the number of nuzzles on the distributor plate and A is the cross-sectional area of

the bed.

Also for porous plate:

dyy = 0.00376[(uy ~u,)? 1 ticomplefe (3.14)

crze ?
Equilibrium Bubble Size: (SMM- ag  Sable  Lubble )

The equilibrium bubble size is expressed as:

dy. = DI +{E +4du | D)V 14— oy 7] wit wsed i formub 155
'1z .

where D is the bed diameter and @ and 77 were defined by Horio et al. (1987) as follows:

alD=(+n" /4 (3.16)

n=(*+4d,, / D)™ (3.17)

¢ =2.56x10"%(D/g)" /u,, (3.18)
19
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3.4 Bubble Velocity

Werther (1983) proposed an equation for bubble rise velocity covering the whole range of

Geldart A to D particle sizes and accounting for the vessel size:

uh = u() - un{/‘ + q) X z”hr (3‘19)

where u,, is the bubble rise velocity defined by Equation (3.20) and ¢ is a factor standing for

the deviation of bed bubbles from single bubbles.

For type-A solids, ¢ is defined as:
o =1 For D<0.1m
@=025D" For 0.1<D<Im
p=25 For D>1m

For type-B solids, ¢ is defined as:
o =0.64 For D<0.1m
@=16D" For0.1<D<1m
p=1.6 ForD>1m

Bubble Rise Velocity:

On the basis of simple two-phase theory, Davidson and Harrison (1963) proposed the
following rise velocity:

uy, =J2d, (3.20)

Note that in the casc of several heat exchange tubes as vertical internals in fluidized bed
reactor, one should estimate the bubble size and bubble rise velocity by using the hydraulic

diameter of bed D,, in place of D in the calculation.

20
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3.5 Bubble Fraction

The actual flow pattern in fluidized beds show a highly complicated behavior due to gas-
solid interactions. This phenomenon corresponds to dynamic gas-solid distribution as reported

by (Cui et al, 2000). Based on the dynamic two-phase structure, the fraction of bed
containing the bubbles is expressed as:

N ~ Uy ~ Uy
o= 55_)4{1 - CXp(—— W\J] (321)
B g

Since the catalyst particles used in polyethylene production is Geldart B, the constants of Cui

et al. (2000) were chosen accordingly.

3.6 Emulsion Velocity

Many recent studies show that the emulsion phase does not stay at minimum fluidization
but it may contain more gas at higher gas velocities (Abrahamson et al. 1980, Chaouki et al.

1999, Cui et al. 2000). In this work, the emulsion phase velocity correlation of Hilligardt and
Werther (1986) for Geldart B particles have been used.

g

U, —u,,

(VSR

(3.22)
U, —u

mf

3.7 Bubble Phase and Emulsion Phase Voidage

The mean voidage of bubble and emulsion phases for Geldart B particles were defined by
Cui et al. (2000):

£, =1—0.146 exp| — 0 _Zn (3.23)
’ 4.439
U, — 1
£, =g, +0.2- 0.0S‘)exp[— —‘(’)22'—(’)'-"-] (3.24)

3.8 Mass Transfer Coefficients

In bubbling fluidized beds, bubbles exchange mass with the emulsion phase. Kunii and

Levenspiel (1969) congidered that the mass is transferred from the bubble phase to the
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surrounding clouds and then to the emulsion phase. The overall bubble to emulsion phase

interchange coefficient can be expressed as:

K, =(/K, +1/K. )" (3.25)

The interchange between the bubble and the cloud involves bulk flow across the boundary

and diffysion of gas in between. These interchange coefficients were defined by Kunii and
/
Levenspiel (1991):

D,e.u,,
K(.L, = 677(—.‘*) 2 (326)
d;
And:
u 0.5g0.25
K, = 4.5(-61—"—) + 5‘85(";,1T) 3.27)

h h

3.9 Heat Transfer Coefficients

The heat interchange coefficient between bubble and emulsion phase in the FBR can be

written as:

H, =Q/H, +1/H,)" (3.28)
Where:
u. ’C i D.ZSK(?.S 0,5C 0,.5
H, =45(—*—% PuPy )+ 5.85(g x Px P (3.29)
he 125
d/l dh
H,.=611(p,Cp,K)"* (%)"'S (3.30)

h

The subscripts he, be and ce denotes the mass and heat interchange process between the

bubble and emulsion, the bubble and the cloud and the cloud and emulsion phases,

respectively.

22
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CHAPTER 4: ETHYLENE POLYMERIZATION KINETICS AND
MODELING

Polyolefins made with heterogencous Ziegler-Natta catalysts have usually broad molecular
weight distribution (MWD) and chemical composition distribution (CCD). The presence of
multiple types of catalytic sites on the surface of heterogeneous Ziegler-Natta catalysts is
generally considered to be responsible for broadness of MWDs and CCDs. Each site type has
its own Kinetic constants and produces polymer with often different MWD, CCDs and
stercoregularitics (de Carvalho et al., 1989; McAuley et al., 1990; Soares and Hamielec, 1995;
Soares and Hamielec. 1996). The existence of multiple site types on heterogeneous Ziegler-
Natta catalysts is supported by experimental data (Zucchini and Cecchin, 1983; Keii et al.,
1984; Usami et al., 1986).

In this work, a dynamic model is developed for homopolymerization of ethylene using

multiple-site heterogeneous Ziegler-Natta catalysts in a fluidized bed reactor.

4.1 Reaction Mechanism

The polymerization kinetics includes steps of site formation, initiation, propagation, transfer
to monomer, transfer to cocatalyst, transfer to hydrogen, spontaneous transfer (B-hydride
elimination) and deactivation. These elementary steps are employed to describe the majority

of experimental polymerization data of olefins using Ziegler-Natta and metallocene catalysts

' (Soares and Hamielec, 1996).

In the kinetic equations below, (" stands for a potential active site on the catalyst surface,

R® represents a live polymer chain which is chemically bonded to the active metal centre and

P is a dead polymer chain. Monomer molecules are represented by M, cocatalyst by 4 and
hydrogen by H,. The indexes j and r represents the type of active sites and the length (in

monomer unit$) of the polymer chain. In this study a Ziegler-Natta catalyst with two active

sites is employed in kinetic model development (j=1, 2).

23
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a) Site formation:

C‘<.f>+A-———>kf ) R*(0, j)

b) Initiation of active sites:

A
RO+ M—s g )

c) Propagation:

O X0 BT
(o J)+ M —20 R (r +1,))

d) Chain transfer:

Transfer 1o monomer:

. . . k(/m(j) . . Lo
R°(r, )+ M ———R"(L,j))+ P(r,))

Transfer to hydrogen:

k(/l'l (1 )

R*(r.N)+ H, Ry (0, /) + P(r, J)

Transfer 1o cocatulysi:

R'(r,j)+A—k—”&)—>RL(1,j)+P(r,j)

Spontaneous transfer:

k.
R.(I‘sl)_légL)Rl.i(Oﬂl)_'—P(r’])

¢) Deactivation:
R (r, — D5 R, () + P, )
R0, ) — D ()
Ry 0, ) — 5 R (1)

R0, jy—alD) s p (5

4.2 Kinetic Model Development

4.1)

(4.2)

(4.3)

(4.4)

(4.5)

(4.6)

4.7)

(4.8)
(4.9)
(4.10)

(4.11)

In this study, we develop a model for ethylene polymerization with Ziegler-Natta catalyst.

We first assume that the reaction is isothermal and that it obeys the reactional mechanism
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proposed in sub-section 4.1. The model is based on the molar balances of the appropriate

species involved in reactions (4.1) to (4.11). The purpose of the model is to study the

evolution of the consumed components, the formation of polymer species as well as the

average weight distribution and molecular weight distribution of the polymer.

Model Assumptions

For the model development, few hypothesis were considered:

1. Polymerization reaction occurs both in the emulsion phase and the bubble phase.

2. Emulsion phase does not remain at its minimum fluidization velocity and travels up

through the bed in a plug flow regime.

(OS]

regime.

4. Particles are assumed to have a constant mean diameter.

Wy

phase. Homopolymerization of ethylene is assumed.

Bubbles grow only to a maximum stable size and travel up the reactor in a plug flow

Ethylene, hydrogen, nitrogen and cocatalyst are assumed to be present in the gas

6. Radical concentrations and temperature gradients within the bed, resistance to material

transfer between gas and solids and elutriation are assumed to be negligible.

In the mole balance relations. the rate equations can be written for each species (e.g.

hydrogen, cocatalyst...) in each phase (bubble phase and emulsion phase) based on the

corresponding monomer, active sites, cocatalyst and hydrogen concentrations.

AN =Y 'R (r ) and  p, = r'P(r,))
i=} i=]

4.2.1 Reaction Rate for Catalyst and Active Sites

The reaction rate of potential active sites C" (/) is given by:

_dCD) ety ~
Reoiy === ==k, (DC (DIA] =1,2

The reaction rates of initiated sites R*(0, j)and R}, (0, /):

Ry = dL;_:M =k (NC (DAL= R (0, Nk, (NIM+ bk, ()} j=1,2

25
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dR;, (0, f . . . . . . "y -
Ry o= —-5—14) = A0 () oy OO 1+ g (D} = RO DK, () =1, 2 (4.15)

Where k,(j), k,(J). k,(j) are the rate constants for site formation, site initiation and site
deactivation and k,,(j) and k,(j) are the rate constants for transfer to hydrogen and

spontaneous transfer, respectively. Also 4, is the zeroth moment of live polymer defined in

(4.12).

4.2.2 Reaction Rate for Cocatalyst

As the reaction proceeds, ethylene and catalysts are continuously consumed. A molar

balance on each species gives their rate of consumption. The cocatalyst consumption rate can

be written as:
di4] & .
Ry =28 S b I N - Ky DAV (3} | (4.16)

Where Ns denotes the total number of active sites (Ns=2 in this study) and %, (/) is the rate

constant for transfer to cocatalyst at " catalyst active site,

4,2.3 Reaction Rate for Gaseous Components

a) Molar balance on hydrogen:
Hydrogen is consumed in both sites by live polymer radicals R"(», j):

diH,]

R,, =
H2 dr

=3 (s DA () (4.17)

Where [H,] is concentration of hydrogen and A,(/)is the zeroth moment of live polymer

chains at j" catalyst active site.

b) Molar balance on mononier:

Ethylene is consumed in three reactions: Initiation, propagation and transfer to monomer.

So the reaction rate of ethylene is given by:
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| diM] &, . . N
R,= — 2=k (DM YA, () = ey (DIM 12, () = &, (DIMIR™ (0, )} 4.18)
. A/=l
4.2.4 Molar Balances on Living Polymer Chains
‘ a) Zeroth moment (Assuming V=Constant):
Writing up molar balances and then applying steady state hypothesis for the molar balance
of the growing live polymer chains, R*(r,J), we get.
ki (DIMIR™ (0, /) = (ko (DL T+ kg (DEAT+ K () + Ry ()3 40 () (4.19)
Which is finally written as, for both active sites:
. ki (DIMIR (0, ]
Jo() = RO j=1.2 (420)
k{//-l (DIH, 1+ k:/.-; (NlA4)+ k[/,v (N+k, (1)
Details in the development of moments have been previously reported in Felorzabihi (2003c).
A, (1) and A,(2) represent the total molar concentration of live polymers, which have been
growing on each active site 1 and 2, respectively. It is important to note that higher moments,
especially first and second are required in the polymer model and also in the calculation of
molecular weight averages. Hence first and second momerts are developed next.
b) First moment (Assuming V=Constany):
Again writing up molar balances and assuming steady state hypothesis for the first moment
of the growing live polymer chains, it was shown that:
k,(DIMIR™(0, )+ k[) (DM, (D + k[/m DM, () = {k[/m (M]+ k(/H (])[Hz]
+ k:/.-l (NLAl+ k;/., N +k,NALD (4.21)
Which is arranged to give first moment A,(j) for site j:
2(j) = k, (DMIA, () + bk, (DIMIR (O, j) + &, (DM ]A,()) (4.22)
Uk OVIMIH ke (DU Y+ Ry (DLAT+ Ky () + K,y ()
( Since in this study have two active sites for j=/:
a 27
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k, (DIM]A, (1) + kWM IR (0.1) + k(DM A, (1)

2" (l) = k!lm (1)[M] + kllll' (1)[H2 ] 4- k!l,-i (1)[/1] + k![" (1) + k‘l (l)

Ang for j=2:

k, (M)A, (2) + &, (DIMR(0,2) + k, (D[M]A,(2)

/1| @)=
Ky QUM )+ ke QYH 1+ Koy LA+ K () + £, (2)

c) Second moment (Assuming V=Constant):
Similarly, the steady-state molar balance equation for the second moment A, () was shown to

be:

kIMIR™(0, /) + &k, (DIMI24,()) + A (D} + &y, (DIM A, () = Tk, (DIM]
+kyy (DU 1+ by (DAY by () + 5y (132 () (4.23)

Which is finally arranged as, for each active site j:

= K, (DIMI2A,() + 4,0} + &, (DIMIR™ (0, j) + ky, (DM, ()
2 Ry MY+ ke gy I 1 T (LAT+ by () + By ()

(4.24)

For a catalyst with two active sites, forj=/:

b, (OIM]24, (1) + A4, (D] + &, DIMIRT 0D + ky, DIM A, (1)

/12 (1) = ;
ky DIMY+k,, (DLH, 1+ £, D4+ £, D+ £, (1)
And for j=2:
12y = K PIMICA )+ 4,20} + b DIMIR(02) + by, DMIA(2)

Ky DIM Y+ K ()LH, 1+ by Q)L A] + £, (2) + K, (2)

4.2.5 Molar Balances on Dead Polymer Chains

Writing up molar balances for the dead polymer P(r,j) a set of dynamic equations was

devecloped. Again, equations of three moments for the dead polymer P(r, ) are given next:
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( a) Zeroth moment (Assuming V=Constant):
The change in the total dead polymer concentrations, known as zeroth moment, is written
for active site j:

_du(Jj) —k

won =g = oy (UM () + B (DLH VAo () + ey (DA (1) + Fei (D A0 () + Ka (D A0 ()

(4.25)

Since we have two active sites, for j=1:

R0 =@%1) =k (DIM A, (1) + k gy (DLH, 1A (D) + Ky (DLALA, (D) + Ky (1D A, (1) + K, (1D A, (1)

And for j=2:

Ry = L2 = e, M1 2D+ s O, A+ iy QAR D) + by DA @)+ A0 (2)

b) First moment (Assuming V=Constant):
High moments are required to complete the polymer model, so the first moment for P in

each active site j:

o
Rur =50 by DMV () + i (DU Vo () g DAV + K DR O) + Ky (DA ()
(4.26)
Forj=1I:
By = — by, WM (1) + gy QT V) + iy LAV D+ i 0, 03+, (D)
and for j=2:
dp, (2)

Rum=—p—= by DM A, (2) + by DLH, 14, (2) + by (DLAIA (D) + £ (DA, (D) + 5, (DA(D)

¢) Second moment (Assuming V=Constant):

Similarly, the second moments for the dead polymer which has grown at site j is given as:

o
Ry =2 <y, (DMILU) + gy D)+ by DA D) * e DA k(D)

(4.27)

( Since we have two active sites for j=1:
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Ruwm= _6_1_!_1;_1(}2 =k, (DIM 1A, (D) + Ky OLH 1A, 1) + £y (DLAIA, (D + K (DA, (D + £, (DA, (1)

And for j=2:

d,
Ru@= %t(z)— =k DIMIA, (2) + by (DLH, 14, (2) + by (DL, 2) + ki (22, (2) + K, (2)2,(2)

4.3 Reactor Model

The fluidized bed reactor considered in this study for polyethylene production consists of
two different phases: bubble phase and emulsion phase. Also each phase contains a solid
polymer phase. The catalyst is fed to the reactor and the polymer product is continuously
withdrawn from it at a rate such that the bed height is held constant. Monomer, hydrogen, and
inert gas are admitted to the bottom of the reactor. The schematic diagram of the different

phases in the fluidized bed reactor is conceptualized below in Figure 4.1.

Unreacted gas

Polymer T Polymer

Feed gas Catalyst

Figure 4.1: Phase diagram and assumptions used for modeling a fluidized bed reactor
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Figure 4.2 shows the flow pattern and interactions between the phases defined in Figure 4.1.

Emulsion Bubble
Phase Unreacted gas Phase Unreacted gas

f

[Mi]dﬂdz)

1 1

[T fin [C'}ia

Figure 4.2: Schematic diagram of the FBR model

4.3.1 Bubble Phase Molar Balance

A FBR behaves as a tubular reactor and the model should take into account the rate of

accumulation and the rate of advection along with the rate of transfer of material or energy.

Hence, the material and energy balance equations in the emulsion and bubble phases were

developed for each reactant concentration (monomer, chain transfer agent, cocatalyst, active

sites) and for the reactor temperature throughout the bed.

Therefore, the change in the monomer molar balance in the bubble phase is represented by:

phase
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1]

a[M}b +u, a[M]b — Kbe ([M]e — [M]b) + (l ) )Rp,b (4.28)
at aZ gb gh

4.3.2 Emulsion Phase Molar Balance

Similarly, the molar balance for monomer in the emulsion phase can be written as:

Disappearance in the emulsion phase= Transfer to bubble phase + Reaction in the emulsion

phase
o[M1, . oM], _ 5K, (M1, ~[M].) (1-£,)R . (4.29)
ot oz (1-8)e, £,

Where, & is the volume fraction of bubbles in the bed, £, and g, are the porosity of
emulsion phase and bubble phase, respectively; K,, is the mass transfer coefficient defined
by Equation (3.25); R,, and R,, are the polymerization rate in the bubble phase and

emulsion phase, respectively.

The overall concentration of each species in the bed can be written as:

[C1=0-8)[C], +4IC;), (4.30)

Where C, corresponds to the concentrations of monomer M , potential active site C, i

cocatalyst 4 and hydrogen H,.

4.3.3 Bubble Phase Energy Balance

The energy balance in both phases consists of the convective and conductive heat transfer

between the bubble and emulsion phases, the heat generated by exothermic polymerization
reactions and the enthalpy associated with the mass transfer of gas from the bubble phase to
the emulsion phase. The bubble phase energy balance can be written as:

O 0 O _ H, (T, ~T,) o Roy(=5,)CAH, )M

ot 0z Cpe, (MY, + (1= LpimCPpuiym  CPLEIM T, + U= £,) Pty CP potym
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Cp, K, (M1, -IM1)T, -T,)

n (43D
C])ggh [M]h + (] — & )ppnl_wn Cp polyin
4.3.4 Emulsion Phase Energy Balance
Similar to bubble phase, the emulsion phase energy balance can be written as:
. aTv 4y aTu — 5}1/w (T;x — T:.) + R/z,:.' (1 - ge)(—AHc)Mw
{? o ‘ Oz (] - 5) {(:IJ:: gc [M ]z' + (] - gc )ppul_wuC])pu/juu} Cp; gc[M]c + (] - g(')pp{)(V/llcppf/[Vlll
Xp K, (M), —[M].XT, -T,) 4.32)

+ :
(] - 0){‘9(: [M]p Cpg + (] - gc' >p/ml_wncppnl_\'m}

Where Mw is the molecular weight of monomer, AH is the heat of reaction (which is
assumed to be equal in both phases), Cp;, is the molar specific heat of gas, Cp,,,, is the

specific heat of polymer and [M] is the concentration of monomer. Details in the

development of model energy balances have been previously reported in Felorzabihi (2003c).

4.3.5 Dynamic Model

The complete dynamic model for ethylene polymerization in the FBR is given below:

For monomer:

2d - 1_
6[M]h + uh 5[M]II — A‘Iu'([M]u [M]h) + ( gl’)RI’J’ (4_33)
af aZ gl, g/»
oM oK 1-¢,)R,,
a[M]‘ +U,. [ ]r — he ([M]/, "[M]‘,) +( ) P (4.34)
ot oz (1 ——5)81, £,
For hydrogen:
o H,], u, o H,], . K, (LH, 1, —TH, 1) . (A—¢€)R, 1, (4.35)
ot z €, £,
: 5K . 14 1— , R Y
OH, )., O], _ K (H, 1, —[H, )+ A-&)Ry,. (4.36)

ot “ 8z (-0,

¢

q‘“‘t—...—
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For potential catalyst active sites:

A Uy, A LD, (A~-)R.

= =12 4.37
ot oz £, / ( )
oC (N, . AC (N, (-&IR. .,
< Dk, " (€ Dl _ s j=1,2 (4.38)
o 0z £,
For uninitiated sites produced by formation reactions:
IR (0. Ny v, OR* (0, )], _ =€) iy i=1,2 (4.39)
ot Oz £,
A[R"(0. )], A[R*(0, ] A=€IR 0 e
[R°(0..))]. +u, [R°(0, D], — R (0. ). j=1,2 (4.40)
ot Oz £, ’
For cocatalyst:
1-¢,)R
o[ 4], tu, o4l _(d-&)R,, (4.41)
ot Oz £,
L4 ol 4 1-¢)R,.
4., (4], _(-e)R.. (4.42)
ot Oz £,
For moments of dead polymer:
a . ] a 3 i (1 - g) R . j
[ ()]s tu, L (D], _ ») AN j=1,2and k=0,1,2 (4.43)
o Oz o ’
5' . i . a . ] . ] - gt' R 0 ()
e ()], +u, La, (D], — ( IR i j=1,2and k=0,1,2 (4.44)
o1 Oz £, |
For temperature:
o, 9T _ w @ =T) o Rpa (=8, )AH, )M
h T+ - *
or Z Cp xg b []M]/, +(0- € )p polym Cp polym (’p xg" [M]/’ + (1 —& )p polym Cp polym
Cp. K, (IM], - [M],XT, T,
] gt ([ ] [ ]I )( ¢ /1) (4.45)

C"[)Lgh [M]I: + (1 - gh )p’)ul_l’lllC]’/)ﬂ/j'lll

¢

or, 9T, _ SH, (T, ~T.) . R, .(1-& ) ~-AH MW
or ‘ Oz (] - 5){( ']);,El' [A4]L + (] - gc )plr:lb'/u Cplwlym } (wp:’ gu [M]z + (] - Eb‘ )'DI""J’"' Cpl’“/}""

(1-%) hwe??
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4.3.6 Initia

SCp, Ky ([M], = IM] )Ty~ Tp)
(] - 5){"':" [M],_, CP;. + (1 - ge )ppnlym Cppnlym }

The subscripts b and ¢ denote bubble phase and emulsion phase, respectively.

1 and Boundarv Conditions

At 1:01

Where j=1

The initial conditions for the FBR can be written as:

(M], =[M], =[M],
[H,], =[H,]. =[H,],
[N, =[C" DL =[C (N,
(4], =[4], =[4],

[R*(0, 0], =[R°(0, )], =0
Leta UNy = Lae D), =0, (D), =Ly N1, = L1, (DY =1, (). =0
[A4 (D1 =[], =T[4, =T[4, =[L(1D], =[4,(N]. =0
I,=1,=T,
, 2.

And the boundary condition is:.

(M], =[M], =[M],
[H,], =[H,]. =[H,],
[N =IC" DL =[C" D,
[4], =[4], =14),,

At z=0 ﬁ
g where j=1

[R*(0. )], =[R"(0, D], =0
[eto (DY, = [ta (D1 =1 (D1 =Ty N =T, (D) =114 N). =0
[ (N] =[] =AW, =[4D]. =[], =[4L()]. =0
L T,=T, =T,
. 2.
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4.3.7 Reactor Operating at Steady-State

For non-isothermal steady state operation the reactor model becomes a set

differential equations:

For monomer:

R, (-
d[M]h — Kly‘o ([_A4]‘_ —[M]I')+ p,lr( gh)
dz g,u, £,u,
d[M]t‘ _ 5K/w (1 - gu)

([M];,—[ML)+8—-—R

(Ll

pe

dz (1-8)e,u,

For hydrogen:

dlH,], _ Ko (LH, ), —[H, 14) + A-&,)Ry,,
dz g,u, £,U,

d[H,]. oK, 41 A-¢e,)Ry,.
Ul i), —H,),) + it
dz -d)e.u,

ePe

of ordinary

(4.49)

(4.50)

4.51)

(4.52)

The reaction is fast so live polymers do not live enough to diffuse so for potential catalyst

active sites, uninitiated sites, cocatalyst and dead polymers:

For potential catalyst active sites:

diC* (P, _ B8R

i=1,2
dz Enthy
dC" (), _ 078 IR- .
= I ) ]’ 2
dz £,

For uninitiated sites produced by formation reactions:

dirR° 0.1, (-& )RR'(O._n.h

- i=1,2
dz &, J
dIR°0.N],  T—8IR .
= j=1,2
dz £,
36
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(4.56)

R e
s
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C b i g b R i

For cocatalyst:

di4], _(1-&))R,, (4.57)
dz ghull |

di4], _(-5)R,, ' (4.58)
dz g.u, ‘

For moments of dead polymers:

d ; 1= )R, i
L, (], =( IEERNY. j=1,2and k=0,1,2 (4.59)
dz ghuh ‘
] 1-e)R ...
dla, (N, _ A=EIR, 0. j=1,2and k=0,1,2 (4.60)
dz g.u,

For reactor temperature:
dT, _ H, T -T,) N R,,(1-¢g,)(—AH, ) Mw
dz  u,{Cp,s,[M],+(1-¢g, )pl,,,(,,,,,Cpp,,[‘,,,,} U {Cp e, [IM 1, + =€) pon CP putym )
Cp K, ((M], ~[M]1,)T, - T,)

+ — (- 4.) 7 (4.61)
uh {C'pygh[M]I: + (W (I b) '
dr, 8H, (T, -T.) . R, .(0—g,)-AH JMw
(4’2 Zl(_(] - 5) {(“p:‘ 6:' [M]( + (] - ev )plml,l'm Cpl"ul_wn} uv {Cp;’gt [M]c + (] - g'v‘ )p[’“/y’" Cp/’“/y’"}
e K, (IMY, ~[M1,XT, =T + (18D 7
pg 12 ([ ]/1 [ ]u)( ¢ b) ( . (462)

+ s
ul.' (] - b){gt[M]( (p;.' + (1 - gu )ppul_wncplml_wu}

In the above equations for reactants concentration and temperature profile along the bed

R RII;.J” RHZ‘("’ R R R R RAJM RA.L" R,uk(j),/' and

phr TEpe CUE Y TG TR0 Y TR0

height R

R, .. are polymerization rates in the bubble and emulsion phases, hydrogen reaction rates in

AN
the bubble and emulsion phases, potential active site reaction rates in the bubble and emulsion
phases, uninitiated sites reaction rates in the bubble and emulsion phases, cocatalyst reaction

rates in the bubble and emulsion phases and moments of dead polymer in the bubble and

emulsion phases, respectively.
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4.4 Polymer Properties

Based on the moment’s balance, polymer properties such as number and weight average

molecular weight, polydispersity index and molecular weight distribution of polymer can be

determined.

4.4.1 Number Average and Molecular Weight Average

The number and weight average molecular weight of growing polymer can be defined as:

() + 407
M, = Mw2> (4.63) ‘

() + A4,0))

M, = Mwi (4.64) |
> mN+ A |

J=1

Where Mw is the molecular weight of the monomer and A, and y;, the moments of live and

dead polymers, are defined in Equatioﬁ (4.12):

4.4.2 Polydispersity Index

The polydispersity index (PDI) of polymer chain can be defined by the ratio of the weight

average to number average molecular weight and can be written as:

=]

PDI == (4.65)

=

n

4.4.3 Molecular Weight Distribution

Molecular weight distribution (MWD) is an important polymer property because it reflects
the kinetics and mechanistic history of the polymer synthesis. Also it is an important tool to
assess the quality of a polymer product for a specific application. Two polymers being similar
by standard methods of chemical analysis may be different in MWD; consequently, their

physical, mechanical and reological properties are different as well.

38

- Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



Flory’s most probable distribution (Flory, 1953) can be used to describe the instantaneous

MWD of polyolefins with linear chains made with single-site type catalysts:

w(r) = rrexp(—m) (4.66)

where w(r) is the weight chain length distribution of chains of length r and 7 is the ratio of

transfer rates to propagation rate.

The ratio of rate of transfer reactions to propagation rater can be written as:

R{/s + R{/m + R[/H + R;)'A - k(/f\' + k{[m + k(/ll [Hl:, + kl/}l [A]
R, R, R, R, kMl k, kI[M] kI[M]

I pr pr pt

T =

(4.67)

P

where R,. R,. R,. R, andR, are the rates of propagation, spontaneous transfer,

transfer to monomer. transfer to transfer agent (hydrogen in this study) and transfer to
cocatalyst respectively.

Many Ziegler-Natta and metallocene catalysts produce polyolefins with MWD that can be
closely predicted by Flory’s most probable distribution. It turns out that for polymers obeying
Flory’s distribution, the polydispersity index is equal 2 and the number average chain length,
rn of polymer is equal tol/7.

For multiple site catalysts, some researchers have demonstrated that each site type produces
polymer chains that instantaneously follow Flory’s distribution. In this case, the instantaneous
MWD for the whole polymer will be a weighted sum of individual Flory’s distribution
(Soares and Hamielec, 1995).

Ny

Ns
w(r) = Zm_,. w,(r)= Z mjr;'r exp(—T,r) (4.68)
g i

where j indicates active site type and my; is the mass fraction of polymer produces with each

el Yt

site type.

4.5 Numerical Solutions

In this section the numerical solution of the reactor model is discussed.
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4.5.1 Steadv-State Model

The steady-state model describes the variations of concentrations for monomer, catalyst,
cocatalyst, hydrogen. bulk polymer and reactor temperature along the bed. The final system of
ordinary differential equations consists of twenty-eight ordinary differential equations and can
be solved using several numerical methods for solving ordinary differential equation. In this
work we employed MATLAB software using multi-step Gear’s method for stiff equations.
The software is capable of finding the best initial step size for each set of ordinary differential

equations in each run. The boundary conditions that were considered for this model are

presented in section 4.3.6.

4.5.2 Dynamic Model

The dynamic model describes the variations of the monomer, catalyst, cocatalyst, hydrogen
and polymer component with axial position in the reactor and time, for non-isothermal
conditions. The model can be solved by the method of Finite Differences. With this method
the set of partial differential equations can be converted to a set of ordinary differential
equations by using proper grid points along the reactor height. Therefore, this set of equations

can be solved by multi-step Gear’s method for stiff equations. The boundary and initial

conditions are presented in section 4.3.6.

Finite Difference Method

Finite difference method is a simple and efficient method for solving ordinary differential
equations (ODEs) and partial differential equations (PDEs) in problem regions with simple
boundaries. The method requires the construction of a mesh defining local coordinate
surfaces. For each node of this mesh, the unknown function values are found, replacing the
differential cquations by difference equations. Employing Taylor series expansion we can
derive the finite-divided-difference approximations of derivatives. Forward, backward and
centered difference approximations are three main approximations derived from Taylor series

expansions. The Finite Difference approximations can be represented generally as:
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f(xi) = f(x)

Fi) = L2 4 O - x) (4.69)
Xigg —X;
; .fug=%%+0mm (4.70)

Where Af; is refered to as the first forward difference and Ak is the step size, that is the

length of interval over which the approximation is made.

. . . Af; .
In order to have high-accuracy divided-difference formulas ——‘&, one has to include more

Ah
additional terms from the Taylor series expansion. Hence, Taylor series expansion can be
written as:
7o) = 1)+ ) A+ (x)Ahz (4.71)

Which can be solved for f'(x,) as:

fea) = F) L)
2

J(x)= 7

Ah+ O(ARY) (4.72)

By substituting the following approximation of the second derivative:

f(x,'+2) - zf.(xi+l)+ f.(xi)

"(x)= 2 4.73
v (X,)/ v +0(Ah7) (4.73)

Into Equation (4.72) to yield:

~ [ (5 H 4 (x,) =3/ (x;)
2Ah

A el R i R

Filx)= +O(6h*) (4.74)

Notice that inclusion of second derivative term has improved the accuracy to O(Ah?).

R U N L AR RE T kAR

Similar improved relations can be developed for central and backward difference as well as

for the approximation of higher derivatives. In this work, the improved first order forward

RSTHY

difference for the first grid point, improved first order backward difference for the last grid

-s'\n""'-r‘ "‘

4 r‘T.F(fJLu UNY v i\/ UJIW

Yoy
E“&uu.s.-...s...._._..,
e R
RV ER e A S

ﬁ
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point and central difference approximation for other grid points have been used. The formulas

are summarized in Table 4.1.

Table 4.1: Finite difference approximations for different grid points (Chapra and Canale
1988)

a) Forward Finite - Divided - Difference formula (for the first grid point):

v =S )+ 4 (x,,) =37 (x) o
f (li) - IAK ~

b) Backward Finite - Divided - Difference formula (for the last grid point):

3/()(,) - 4.f(x,'_| ) + ./.(xi-z)

S(x)= S Ah
¢) Centered Finite - Divided - Difference formula (for all other grid points):
‘f,(x,-) - .f(xi+l ) - .f(xi~| )

2Ah

Based on the Finite Difference method the set of partial differential equations (Equations

4,49-4.62) are converted to ordinary differential equations as follows:

For monomer concentration in the bubble phase:

For case i=1:

dMly DM+ AL~ | K, 1-s
=y e 2 B (M1 )+ R

(4.75)

P
8/. g/!

. n .
Forcase i=— (n: N, xm and m: Number of equations):
m ’

d[M]},, = -y IMYs — UM )y + M,

di " 2z

+ 2 a,, - 1),.) +Q‘}€—)R (4.76)

£, b

.. ., n
For other values of i (1<i<—):
mn

d[M]/,.i [/u]h.m - [M]/:.i—l

K, (-¢g,)
=—U, -+ ~ (M L M) )+ R 2 b 4.77
» u, e ) {a ]L,, [ ]h,:) ] P ( )
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o0 B,

W For mononter concentration in the emulsion phase:

For case i=—-+1 (n: N yu X m and m: Number of equations): (4.78)
m
diM1,; — M, +4IM],,,, —3IM])., 1-
[ ]‘. = ‘—‘H(, [ ](- ~ [ ](J ] [ ] - + 5KI“‘ (['A{{]hi —[M]L'I) + ( g") RI)ci
di 2dz g, (1-95) ; ’ £, .
) .
Forcuse i = —-’l: 4.79)
m
diM].; MY, —4M], . +IM], .- oK l-eg,
[ ](. — —N(. [ ] . [ ]L. 1 [ ] -2 + he ([M]/,',' _{M]c.,')*'( L) Rlu-,i
dt 2dz £,(1-9) £,
. .n . 2n
For other values of | (—+1<i<—):
m m
diM],, [M],,. ~IM],.. &K, . (-¢g)
&=y, o ey = M, =M, )+—=R ., 4.80
— ‘ — iy My~ M) + =R, (4.80)
For hydrogen concentration in the bubble phase:
2
Forcase i = k| (1: Ny X m and m: Number of equations): (4.81)
m
dH" i —}11 i+"+4H‘7 i+ —‘3H’7 i K,» 2 1_8,
[ _]/. =—u, [ _]h. 2 [ _]I_ 1 [ __]/, + he ll2 ([Hz]u.,._[Hz]hJ)‘*‘( I)RHZ'!,J
dr 2d= £, b
. 3n
For case i =—: 4.82)
m
d[H,],, NH, )~ H iy Y o )i Koo (I-¢,)
‘ Z o - —-l{ 2anyd 2Jdn0 A <= + {4 ¥ 33 H - H . + R 5 ;
( ) d/ h de gh ([ 2](,1 [ Z]h,l) gh H2.h,
. 2n . 3n
L For other values of | (—+1<i<—):
: m m
d(H,],, H i —H 1o Ko l-¢
‘ _‘[ﬂ'= —u,, L doss ~LH b + el ({H,1.; —[H, 1)+ ( 2 Ry (4.83)
M dt . 2dz 8/, h
For hydrogen concentration in the emulsion phase:
For case i=">+1 (n: N xm and m: Number of equations): (4.84)
%4 m
&
iy
e 43

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



d{H,]).; y —[Hy)oma + HH )i =3 H, N K je 112 (-e)p
—_— =Y, H2.ed
£

H,},,—[H,1.)+
df ¢ 2d2 8‘.(] _ 5) ([ Z]h.l [ 2]1._ ) .
For case i =2 (4.85)
m
diH,],, H, L., —4H, ). F[HL ) K, 1a I-¢g,
{ _]L, =_u“ [ _] K [ 2] J=1 [ _] =2 + he,l{2 ([HZ]h.i _[HZ]“.")_‘_( )RHz.c.i
dr 2dz e, (1-90) ¢
.. ,3n . _4n
For other values of i (—+1<i<—)
m m
diH,)., (5], 0 — ) OK i1 (I-¢,)
B e = H,]., —-[H, 1, )+—R,, ., (4.86)
> ‘ M_ 5 e~ + Ra
| For cocatalyst concentration in the bubble phase:
4
For case i =-2+1 (n: N, xm and m: Number of equations):
m
i[A4],. —[A), .0 +4[A4], .. = 3[A4],; -
6[ ]h,: =—u, [ ]Ix.1+_ [ ]h.l+l [ ]h.l +(1 gh) R,{/,i (4.87)
dt 2dz £, .
For case i = on :
m
d{A},, 3[4],, —4[4 +[A4],; -
[ ]/,_l =—L(h ')[ ]Iy,: [ ]h.l-—l [ ]h.l-2 + (l gll) R,”,,' (488)
dt 2dz £, o
4
For other values of i (_n+1 <i< on
m m
diAl,. A, . —[A], -
[ ]h,l — ’_1,, l. ]h'n-l [ ]/m-—l + (1 gh) R,”,,- (489)
at 2dz £, o
For cocatalyst concentration in the emulsion phase:
Forcuse i = n +1 (12 Ny xm and m: Number of equations):
m
d[A]” =—u, —[A]u,i+2 +4[A]v.i+l —3[/1]‘,‘,- + (l —&‘U) RA y (490)
dt 2dz £ -

s

Y]
For case i =—:
m

44
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diAl, _ A AL Al (e

. N 4.91)
a . 2z 8‘. ER
2 For other values of i (—Sﬁ—i-l <i< g}1) :
VAW AY . A, -
(2 [ ](.J —— [ ]L.I+l [ Je.i-1 + (1 gc) R (4.92)

dr ¢ 2dz £ A

e

where dz = Reactor height / Number of grid steps

and

Number of grid steps=Number of grid points-1

Using the Finite Difference discretization method one can solve other molar balance
equations for potential active sites, uninitiated active sites, reactor temperature and moments
/ of dead polymers in both phases. The method used above allows transforming any number of
i partial differential equations with any number of grid points. These sets of discretized

equations and the numerical algorithm schematic diagram are presented in Appendix A.

=

e

(T

O T RN LI A P HE ST e 8

i
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CHAPTER 5: SIMULATION RESULTS AND DISCUSSION

5.1 Steadv-State Model

The reactor model is comprised of a hydrodynamic model and a kinetic model for ethylene
polymerization. The hydrodynamic model representing -physical phenomena describes the

properties of bubble and emulsion phases. The kinetic model representing the chemical

phenomena describes the chemical changes occurring in each phase. The reactor model is
superior to a traditional two-phase concept in that it considers the progress of reaction with
the existence of solid particles in both phases. Also, it shows a more realistic understanding of
the phenomena encountered in a FBR. A comprehensive kinetic model has been developed
for polymerization of ethylene. Characterization of polymer properties is simulated using the
method of moments (Felorzabihi, 2004b). Application of the method of moments enables
prediction of useful information (polymer production rate, monomer conversion, active site
information) and the physicochemical characteristics of the polymer (average molecular
weights, density, polydispersity, melt index, branching frequency). The hydrodynamic model
and the kinetic model were coupled and solved simultaneously to show a complete simulation
of the fluidized bed reactor.

The model ability to predict the behaviour of the reactor is assessed through several runs for
ethylene polymerization in the presence of Ziegler-Natta catalyst under different reactor

operating conditions. The physical properties of the inlet gas to the reactor were calculated

using Hysis simulation package.

The model output shows interesting results for the reactants concentrations in the bed. The :
basic parameters used in this study are shown in Table 5.1. The effects of model main

parameters and reactor operating conditions are investigated for the highest ethylene

conversion along the bed.
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Table 5.1: Operational conditions and reactor data used in the simulation

Reactor parameter:
H (em)=1100
D (cm)=396

Feeding temperature (K)=380

Pressure (atm)=20

Ethylene (mol/L)=0.85 (90 %)

Hydrogen= 35 %
Nitrogen=5 %
Cocatalyst (mol/L)=0. 7
Gas parameter:

Uy (em/s)=18 (3 upr)

He (g/cm $)=1.3965x 10

K, (Cal/em/s/K)=8.448 x107°

pe (g/cm3)=0.01792
Cpg (Cal/g/K)=0.45485
D, (cm?/5)=0.004

Dy (cm*/s)=0.03884
Polymer properties:
Ppolym ( g/em?)=0.96

AH (Cal/g)=-916
Chpolym(Cal/g/K)=0.456
Catalyst data:

C* (mol/cm’cat.)=10e-5
Platatyst (g/cn13)=2.3 7
d,(cm)=0.05

A,=0.5

A;=0.5

&

References

Fernandes et al. (2002)
McAuley et al. (1994)
Wagner et al. (1981)
Fernandes et al. (2002)
McAuley et al. (1994)
Wagner et al. (1981)
Wagner et al. (1 981)
Wagner et al. (1981)

Wagner et al. (1981)
Hysis

Hysis

Hysis

Hysis

Hatzantonis et al. (2000)
Treybal (1980)

Xie et al. (1994)
Choi and Ray (1985)
Choi and Ray (1985)

Wagner et al. (1981)
McAuley et al. (1994)
McAuley et al. (1994)
Yiagopoulos et al. (2001)
Yiagopoulos et al. (2001)
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Table 5.2: Numerical values of the kinetic rate constants

Rate constant
Site formation:

k, (cm3 /mol/s)

' E , (cal/mol)

Site activation:

k, (em*/mol/s)

E, (cal/mol)

Propagution:

k , (cm*/mol/s)

£ (cal/mol)

Transfer to monomer.
ki (cm®/mol/s)

E,, (cal/mol)

Transfer to cocatalyst:
Lo (cm*/mol/s)

E,, (cal/mol)
Transfer fo hydrogen:
Ky (cm*/mol/s)

E,, (cal/mol)

Spontaneous transfer:

k,, (1/s)

E . (cal/mol)
Deactivation:
k,(1/s)

E, (cal/mol)

Site 1

1x10%
8000

42x10°
9000

8.5x10*
%000

2.1

9000

9000

38
9000

0.0012
8000

1.8x10™
10000

Site 2

1x10*
8000

42%x10°
9000

8.5%x10*
9000

2.1
9000

120
9000

370
9000

0.0012
8000

1.8x10™
10000

References

Hatzantonis et al. (2000)
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5.1.1 Steadv-State and Isothermal

In contrast to most conventional fluidized bed reactors, the solid phase (polymer) is of
prime importance in gas phase olefin polymerization (Choi and Ray, 1985). The co::version
of monomer per one pass in a fluidized bed reactor is relativcly low and it is about 1% to 5%
per one pass (McAuley et al., 1994). A typical result for monomer conversion and molecular
properties of polymer under isothermal condition is shown in Figures 5.1-5.5. Other relevant
plots are arranged in Appendix B.

As shown in Figures 5.1.a and 5.1.b, monomer conversion is much higher in emulsion
phase than in bubble phase because of higher reaction rate (Figure B.4). This is due to the
existence of more solid catalyst particles in the emulsion phase and also because of higher
residence time for polymerization reaction and diffusion of monomer in the emulsion phase.
The profile of overall monomer conversion in the bed according to Equation (4.29) is shown
in Figure 5.1.c. The overall monomer conversion is about 1% per pass in the fluidized bed

reactor under isothermal condition.

Figure 5.1: Profile of monomer conversion versus reactor axial position (isothermal)
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The cumulative number average and weight average molecular weight of polymer per pass
versus conversion are plotted in Figures 5.2 and 5.3, respectively. They decrease with

monomer conversion. This is due to a high reduction in concentration of reactants in

comparison with formation of living polymer chains. ‘Besides, M, and M, decrease more
rapidly in the emulsion phase than in the bubble phase because of higher reaction rate. M, is

in the range of 60600 in the bed, whereas ~M—u is in the range of 135600, giving a

polydispersity index of 2.24. These values are in good agreement with actual data reported for
number and weight average molecular weights of HDPE polymer produced with Ziegler-
Natta catalysts (Odian, 1991). However the PDIJ in this study is lower than the actual
polydispersity index for HDPE since the rate constants are selected in the way that PDI in
each site be equal to 2 (McAuley 1990).

~ Figure 5.2: Profile of number average molecular weight of polymer versus conversion
(isothermal)
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Figure 5.3: Profile of weight average molecular weight of polymer versus conversion
(isothermal)
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- Profiles of polydispersity index are shown in Figure 5.4. Polydispersity index increases
ir slightly in the bubble phase, whereas in the emulsion phase it decreases from 2.24 to about

2.22. The overall polydispersity index in the bed obeys the same trends as bubble phase does.
These values are basically dependent on the numerical values of kinetic rate constants and
operating conditions and can also be above these values.

Figures 5.5.a, 5.5.b and 5.5.c show profiles of molecular weight distribution MWD of the
polymer for bubble phase, emulsion phase and overall MWD in the bed, respectively. The
model considers the existence of two active sites on Ziegler-Natta catalyst and simulations
showed that about 94 % (by weight) of solid polymer is produced by site one and 6% by site
two (for both bubble and emulsion phases). The simulation predicts that site one produces

polymer with broader molecular weight distribution than site two.
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Figure 5.4: Profile of polydispersity index versus conversion (isothermal)
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The cocatalyst reacts with the catalyst and it is constantly consumed to pfepare active sites
for polymerization. However, more cocatalyst is consumed in the emulsion phase than the
bubble phase because of higher polymerization rate. Figures B. and B.2 in Appendix B show
catalyst and cocatalyst consumption in both phases and their overall concentration in the bed.
In the bubble phase catalyst consumption remains relatively low, but in emulsion phase
catalyst concentration decreases slightly from 0.05 mol/L to about 0.0496 mol/L per pass in
the bed. Hydrogen is used as a chain transfer agent in ethylene polymerization to control the
molecular weight of the polymer. It also can be used for transferring solid catalyst particles
into the bed. Figure B.3 shows a relatively small consumption rate of hydrogen in both
phases.

In FBR the bubble size, which depends on the distributor character, is an important and
influential hydrodynamic parameter, which affects bubble velocity and heat/mass transfer
coefficients. The bubble size increases along the bed height until it reaches to its maximum

allowable size. Figure B.5 shows the profile of bubble growth along the bed.

5.1.2 Steady-State and Non-Isothermal

Figures 5.6-5.11 show profiles of monomer conversion, number average and weight average
molecular weight (—AZ,— and 7’1?) polydispersity index ( PD/), molecular weight distribution

(MWD) and reactor temperature for a non-isothermal fluidized bed reactor. All these plots
demonstrate a high monomer conversion in the non-isothermal case in comparison with the

isothermal one (about %1.5).
The simulations show that, for the non-isothermal process, both E and M, are slightly

higher at the beginning of polymerization reaction in comparison with the isothermal process
(Figures 5.7.c and 5.8.c). But, as the reaction proceeds they decrease to a slightly lower level.
Besides, as it is illustrated in Figure 5.9.c, PD/ increases slightly with conversion and is

lower for the non-isothermal process.
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Figure 5.6: Profile of monomer conversion versus reactor axial position (non-isothermal)
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Figure 5.7: Profile of number average molecular weight of polymer versus conversion (non-

isothermal)
X 10° Figure 5.7.a: Bubble Phase
6.08 . ‘ Mnb: Number average molecular weight
(Bubble phase)
Mue: Number average molecular weight
£ (Emulsion phase)
= Mn: OQverall number average molecular
weight in the bed
6.02 : :
+ 0.001 0.002 0.003 0.004 0.005 0.006 0.007 0.008
64 x 10 Figure 5.7.b: Emulsion Phase
!
o 605 ;
C il
2 .
6 :
1
|
598 ‘ 0.005 0.01 | 0.015 0.02 0.025
64 10 ' Figure 5.7.c: Profile of Overall Mn
6.05 ’
= !
= i
6 3
595 '
0.002 0.004 0.006 0.008 0.01 0.012 0.014

Monomer Conversion

~

54

o \

i Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.




Figure 5.8: Profile of weight average molecular weight of polymer versus conversion (non-

isothermal)
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Figure 5.9: Profile of polydispersity index versus conversion (non-isothermal)
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Figure 5.10: Profile of molecular weight distribution of polymer at the exit of bed (non-

isothermal)
6 x10™ Figure 5.10.a: Profile of MWD {Bubble Phase)
PN Ceseeee Siteq |,
i —--- Site2 .,
] \‘ —— Total :
4 3 .
= i Y
= !
= :' %
: .
2 ;: \'l‘
] N
0 T S e, -
[} 2000 4000 6000 8000 10000 12000 14000 16000
r
o 10™ Figure 5.10.b: Profile of MWD (Emulsion Phase)
i
S Siteq ¢l
PN e She 2 '
Y — Total ")
PRI |
. L)
. ’ "
= i Y
2 i kY
. A )
2 xi' », !

o
------

0 - .
0 2000 4000 6000 8000
r

10000 12000 14000 16000

The profile of reactor temperature is shown in Figure 5.11. The reactor temperature
increases gradually along the bed from 380 K to about 383 K in the bubble phase and to about
389 K in emulsion phase. The top portion of reactor is much warmer than the lower portion.
The temperature increase is attributed to a higher activity of catalyst in the propagation of
young polymer particles (as fluidizing gas moves upward in the bed and react with the
catalyst, more active sites undergo Initiation process). Also, reactor temperature increases

more rapidly in emulsion phase than in the bubble phase because of higher polymerization
rate in cmulsion phase (Figure B.9).
Catalyst consumption in the bubble phase is not significantly influenced in a non-isothermal

process. Cocatalyst consumption in the bubble phase and emulsion phase is not altered

significantly in the non-isothermal process (Figure B.7).
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Figure 5.11: Profile of reactor temperature versus reactor axial position (non-isothermal)
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5.2 Effects of Other Operational Parameters (Steady-State)

The effect of important reactor parameters (e.g. superficial gas velocity, mean particle size,

bubble size, gas feed temperature, chain transfer agent and recycle stream), on the steady-state
behavior of the FBR is thoroughly investigated.

5.2.1 Superficial Gas Velocity

The superficial velocity is an important parameter. It must remain sufficiently high to
entrain large solid particles moving upward in the bed and at the same time permit good heat
removal (Choi and Ray, 1985). Therefore, as reported by Wagner et al. (1981), industrial
polyethylene fluidized bed reactors operate at superficial gas velocities ranging from 3 to 6
times the minimum fluidization velocity.

Increasing superficial gas velocity allows bubble growth size to expand (Figure C.5 in
Appendix C) and reduces interfacial area between phases, which ultimately reduces mass/heat

interchange between phases. On the other hand, a decrease in the superficial gas velocity

results in an increase of reactants mean residence time in the bed. As a result, concentrations
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of monomer, hydrogen and cocatalyst in both phases decrease more rapidly. However, this

effect is more significant in bubble phase than in emulsion phase. The effect of superficial gas

velocity on monomer conversion is illustrated in Figure 5.12.

Figure 5.12: The effect of superficial gas velocity on profile of monomer conversion versus
reactor axial position per pass '
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It can be seen that reducing superficial gas velocity by half will almost double the
conversion of monomer in the emulsion phase and triple the conversion in the bubble phase.

Also, the temperature increases more rapidly along the bed with lower superficial gas

velocities for both phases (Figure 5.13).
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Figure 5.13: The effect of superficial gas velocity on profile of reactor temperature versus
reactor axial position
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Figures 5.14 and 5.15 show the effect of superficial gas velocity on the profiles of number

and weight average molecular weight of polymer in the bed. The figures demonstrate that

processes with lower superficial gas velocities has higher _ﬁ: and M, atlow conversions but

at high conversions M, and M are lower with lower superficial gas velocities. As

superficial gas velocity decreases, the rate of heat and mass transfer between the phases

increase, therefore, the production of active sites and moments of polymer increases. As a

result M,and M, increases. But as the reaction proceeds, more active sites undergo

deactivation process therefore moments of polymer and M, and M, become lower at higher

conversions.

The effect of superficial gas velocity on the polydispersity index is shown in Figure 5.16.
The PDI in the bubble phase is lowered as superficial gas velocity decreases. However in
emulsion phase, ihis trend is opposite. The PDI profile in the bed is illustrated in Figure

5.16.c. This plot shows that the superficial gas velocity affects significantly the profile of
overall polydispersity index in the bed.
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Figure 5.14: The effect of superficial gas velocity on profile of number average molecular
weight of polymer versus conversion
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Figure 5.15: The effect of superficial gas velocity on profile of weight average molecular
weight of polymer versus conversion
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Figure 5.16: The effect of superficial gas velocity on profile of polydispersity index versus

conversion
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Figure C.2 in Appendix C illustrates the effect of superficial gas velocity on cocatalyst
consumption in the bed. But at higher superficial gas velocities there is no significant
difference in cocatalyst consumption rate in bubble phase. However, at lower superficial gas
velocities (u0=3 cm/s), there is a stecp decrease in cocatalyst concentration. Similar trend is
predicted for catalyst in the bubble phase (Figure C.1.a). In emulsion phase, catalyst and
cocatalyst concentrations decrease with reducing superficial gas velocity, which is primarily
attributed to an increase in the polymerization rate.

The effect of superficial gas velocity on polymerization rate in both phases is illustrated in
Figure C.4. This variable has a very significant effect on improving the reaction rate in the
bubble phase. Reducing superficial gas velocity by half will almost double the polymerization

rate in the emulsion phase and increase it in the bubble phase by more than ten times.

61

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



5.2.2 Mean Particle Size

In practice, the continuous addition of catalyst and removal of product leads to a
distribution of particle size in the bed ranging from 0.005 to 0.2 cm (McAuley, et al. 1994).
If all particles in the FBR have the same size, then an increase in the particle size implicitly
affects all main fluidization parameters including minimum fluidization velocity, terminal
velocity, maximum stable bubble size and heat and mass transfer coefficient between the
bubble phase and emulsion phase. Figure 5.17 and 5.20 illustrate the effect of mean particle
size on the steady state monomer conversion and temperature, respectively. Monomer
conversion and temperature vary significantly with the average particle size in the bubble
phase. It is important to note that an increase in the mean particle size results in an increase in
the minimum fluidization velocity. A secondary effect is to increase the terminal velocity and
maximum stable bubble size (Figure C.10). In the bubble phase, an increase in the bubble
growth reduces interfacial area between the phases. As a result, the heat and mass transfer rate
between the phases reduces significantly. On the other hand, using larger particle size in the
bed increases minimum fluidization velocity. Hence, emulsion velocity increases and its
residence time decreases accordingly. Therefore, polymerization rate is lowered by increasing
particle size in the emulsion phase (Figure C.9.b)

Profiles of number average molecular weight and PD/ are shown in Figures 5.18 and 5.19,
respectively. According to these figures, processes with smaller particle size may produce

polymers with higher number and weight average maoiecular weights and lower PDI .
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Figure 5.17: The effect of mean particle size on profile of monomer conversion versus reactor
axial position
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Figure 5.18: The effect of mean particle size on profile of number average molecular weight
of polymer versus conversion
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Figure 5.19: The effect of mean particle size on profile of polydispersity index versus

conversion
Figure 6.18.a: Polydispersity index (Bubble Phase)
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5.2.3 Gas Feed Temperature

Figure 5.21 illustrates profiles of the monomer concentration in a FBR for bubble and
emulsion phases and for three different gas-feed temperatures. As the inlet gas temperature
rises, the concentration of reactants falls because of the higher reaction rate. In the first 25%

of the reactor, there i$ no significant difference between monomer conversion profiles at the

three different temperatures. However, in the upper reactor portion, ethylene concentration

decreases faster with higher gas feed temperatures due to higher reaction rate. For a 10 K

L A e e A e

increase in the inlet gas temperature, the monomer conversion almost doubles in the bed.
Similar trend is obtained for catalyst and cocatalyst in the first 10 % of the reactor height and

for hydrogen in the first 25% of the height (Figures C.11, C.12 and C.13).

Figure 5.21: The effect of gas feed temperature on profile of monomer conversion versus
reactor axial position
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1 Furthermore, in the case of gas feed temperature above 116 ° C, the reactor temperature can
go up to the polymer melting point and causes production of unwanted sticky material

deteriorating polyethylene production rate. Therefore, although the inlet gas feed temperature
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is one of the most influential parameters in ethylene polymerization, it should be carefully
selected in order to prevent formation of hot spots and unwanted materials. Further, similar

trend is obtained for weight average molecular weights of the polymer along the bed. At low

conversions, higher inlet temperatures produce polymers with elevated E and M. Butat

higher conversions (at the exit of the bed) M; and E are lower in higher inlet gas

temperatures.

Increasing inlet gas temperature reduces PDI in the bubble phase (Figure 5.24), but it has
hardly any effect on DI in the emulsion phase. Furthermore, no effect is registered for MWD

of polymer in this range of temperatures, even though it is expected that MWD becomes

narrower as temperature increases.

Figure 5.22: The effect of gas feed temperature on profile of reactor temperature versus
reactor axial position
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Figure 5.23: The effect of gas feed temperature on profile of number average molecular
weight of polymer versus conversion
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Figure 5.24: The effect of gas feed temperature on profile of polydispersity index versus

conversion
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5.2.4 Bubble Size

To investigate the importance of using an accurate bubble growth size, simulations were
performed to determine the effect of the bubble growth size on model prediction. The bubble
diameter has been varied by changing the maximum stable bubble diameter in the bed. Since
this parameter directly affects the profile of bubble growth in the bed (Figure C.18). For the
operating conditions of Table 5.1, the Davidson-Harrison correlation predicts a maximum
bubble size of approximately 23.46 cm. However, Grace (1986) recommended that this
parameter should be taken with caution since the maximum bubble diameter depends strongly
on the type of solid particles in the FBR and the fluidization mode. Figure 5.25 shows the
effect of maximum bubble diameter on steady-state model predictions of monomer

conversion in the bed.

Figure 5.25: The effect of bubble size on profile of monomer cornversion versus reactor axial

position
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The interfacial area between the phases decreases with larger bubble diameters, which

consequently lowers the heat/mass interchange rate between them. As a result. larger bubble
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size in a fluidized bed causes low monomer conversion and also low teraperature rise in the
bubble phase (Figures 5.25 and 5.28). In the first half of the bed, monomer conversion in the
emulsion phase is not appreciably influenced by bubble growth rate. In the second half it
increases with larger bubble size due to increase in diffusion of gases from emulsion phase to
the bubble phase. 11 contradiction with the finding of McAuley et al. (1994), the simulation
has shown that the maximum bubble size is not a critical system parameter. This result is in
good agreement with the findings of Hatzantonis et al. (2000).

The number and weight average molecular weights of polymer increase with reducing

maximum bubble size in the bubble. But, A, M_w and PDI are not altered significantly for

n’

all the ranges of maximum bubble size in the emulsion phase.

Figure 5.26: The effect of bubble size on profile of weight average molecular weight of
polymer versus conversion
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Figure 5.27: The effect of bubble size on profile of polydispersity index versus conversion

Figure 5.27.a: Polydispersity Index (Bubble Phase)
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Figure 5.28: The effect of bubble size on profile of reactor temperature versus reactor axial

position
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As in Figure 5.28, the temperature increases more rapidly in bubble phase with smaller

bubble size due to higher heat and mass transfer rates. In emulsion phase it has opposite trend.

But this effect is more significant in the bubble phase.
Furthermore, profiles of cocatalyst and hydrogen concentration are shown in Figures C.16
and C.17, respectively, and it is shown that the maximum bubble size does not have any effect

on the average concentrations of cocatalyst and hydrogen in the bed.

5.2.5 Recvycle Stream

The conversion of monomer per one pass in a fluidized bed reactor is relatively low and it is
about 1% to 5% per one pass (McAuley et al., 1994). Furthermore, olefin polymerization is a
highly exothermic reaction and a recycle stream equipped with a cooling system should
remove the excess heat of reaction as it is described in detail in Chapter 2. In order to assess
the performance of the system with a recycle stream, the previous model has been modified to
accommodate the effect of a recycle. It is assumed that the cooling system (heat exchanger
and compressor) reduces the temperature of the recycled gas to the inlet temperature of the
main stream, which remains unchanged in terms of composition. Monomer conversion is
plotted in Figure 5.29. After 20, 30 and 40 passes monomer conversion reaches about 84%,
89% and 92%, respectively, in the bed in steady-state mode. Furthermore, increasing the
number of passes results in decreasing number average molecular weight of polymer from

11000 to about 5000 and weight average molecular weight of polymer from 22500 to about
12000. Also, Eand —AZ: in the bubble phase have narrower distribution in comparison to
emulsion phase.

Figure 5.32 shows that polydispersity index decreases when adding number of cycles due to
decrease in number and weight average molecular weights in the bubble phase. In the
emulsion phase, there is an overshoot in the PDJ as conversion increases per each pass in the

bed. Also higher number of ¢ycles favors PDI in the emulsion phase, leading to an increase in

polydispersity index of the polymer in the bed.
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Figure 5.29: The effect of recycle stream on profile of monomer conversion versus reactor

axial position
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Figure 5.30: The effect of recycle stream on profile of number average molecular weight of

polymer versus conversion
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Figure 5.31: The effect of recycle stream on profile of weight average molecular weight of
polymer versus conversion
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Figure 5.32: The effect of recycle stream on profile of polydispersity index versus conversion
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L

Figure 5.34 describes the reactor temperature profile in the bubble and emulsion phases
when a recycle line is added to the system. It is observed that the temperature in both phases
decreases with increasing number of passes.

In Figure 5.33, the effect of changing number of cycles on the molecular weight distribution
is illustrated. Clearly, reducing the number of passes broadens the molecular weight
distribution of polyethylene. The explanation is that as temperature increases, the rate of
propagation increases, but the rate of termination goes up to a greater extent, since chain
terminations reactions have greater activation energies than propagation reactions. The rate
constants of termination are less affected by a temperature increase. Consequently, the ratio of
the rate of propagation to that of terminations decreases, since the denominator of Equation
(5.1) increases more rapidly than its numerator for an increase in the temperature. The overall
result is a decrease in the degree of polymerization and hence the average molecular weight.
k,[M]

Z: 6.1
k,f,,,[M]+k,fA [A)+kyp [H 1+ + -

X, is the number average degree of polymerization in terms of Ziegler-Natta kinetics and is
essentially the ratio of the rate of propagation to that of termination.

The effects of adding a recycle stream on monomer conversion are better quantified in
Figure 5.35. There is a relatively high increase in monomer conversion from 3 passes to 15
passes, whereas aiter that monomer conversion increases gradually by the addition of cycles.

Furthermore, the simulation demonstrates that the monomer conversion can go up to 96 %

after about 50 passes.
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Figure 5.33: The effect of recycle stream on profile of molecular weight distribution (MWD)
of polymer at the exit of bed
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Figure 5.34: The effect of recycle stream on profile of reactor temperature versus reactor axial

position
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Figure 5.35: Profile of monomer conversion at the exit of the bed versus number of cycles

Figure 5.35.a: Profile of Conversion versus Cycle (Bubble phase)
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5.2.6 Chain Transfer Agent

Hydrogen is well known as a good chain transfer agent for lowering molecular weight when
producing polymer with Ziegler-Natta catalyst. If we assume that transfer to hydrogen is the
only significant reaction controlling molecular weight, it is evident that catalyst systems with
higher hydrogen concentration produce shorter chains. Besides, chain transfer to hydrogen
prevents other chain growth reactions from producing longer chains. As a result shorter chains
with lower molecular weight are produced. Figure 5.36 shows the significant variation of the
number average molecular weights with hydrogen concentration. Similar trend is predicted
for weight average molecular weights of the polymer.

Furthermore, high hydrogen concentration favours PDI in the bubble phase only, but it has
no significant effect on the PDI in the emulsion phase. The overall PDI in the bed has similar
trends as in the bubble phase. Also as illustrated in Figure 5.38, higher hydrogen content in
the gas feed produces narrower molecular weight distribution in both phases, for both site one

and two and the total distribution of molecular weight in each phase. This is due to the

increase in the rate of transfer reactions to the propagation reaction.
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Figure 5.36: The effect of chain transfer agent concentration on profile of number average
molecular weight of polymer versus conversion
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Figure 5.38: The effect of chain transfer agent concentration on profile of molecular weight
distribution (MWD) of polymer at the exit of bed
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5.3 Dyvnamic Mode]

The dynamic model describes variations of monomer, catalyst, cocatalyst, chain transfer
agent and polymer chains with axial position in the reactor and polymerization time. The
model has been solved by improved first order Finite Difference method. The model is
capable of predicting reactants profile at each position in the bed with respect to time. Also
sixty grid points has been used in solving the sets of partial differential equations.

For instance, Figure 5.39 shows the profile of monomer conversion versus time in both
bubble and emulsion phases at the reactor exit. Monomer conversion reaches 99% in nearly

one hour. At this time the average catalyst concentration decreases from 0.05 mol/L to

4.45x 107 mol/L and cocatalyst concentration from 0.7 mol/L to 0.694 mol/L. (Figures D.1
and D.2).

The number average molecular weight is reduced significantly from about 60000 to 5000
when conversion reaches 97% (Figure 5.40). Similarly, M—W of the polymer decreases from

135600 to about 10000 (Figure 5.41).
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Evolution of the PDI in the reactor is illustrated in Figure 5.42, giving a PDI value of 2.24.
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As shown in this diagram, polydispersity index increases slightly in the bubble phase and
decreases after the conversion reaches about 85% due to the reduction in the second moments
of polymer. Similarly in emulsion phase at conversion about 90% polydispersity index
decreases from 2.24 to about 1.8. At this region almost all of monomer is consumed.

The profile of polymerization rate is shown in Figure D.4. As shown in this diagram

polymerization rate in both phases have its highest values at about 25% monomer conversion

that is attributed to the increase in formation of active sites. Above this point polymerization

reduces gradually until all monomer is converted to polymer. Moreover, according to the
. simulation results, polymerization is above 30 times higher in the ~:aulsion phase than in the
i;.,,: bubble phase.
f% Figure 5.39: Profile of monomer conversion versus time at the exit of the bed (one pass and
3 isothermal)
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Figure 5.40: Dynamic profile of number average molecular weight of polymer versus

conversion at the exit of the bed (one pass and isothermal)
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Figure 5.41: Dynamic profile of weight average molecular weight of polymer versus
conversion {(one pass and isothermal)
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Figure 5.42: Dynamic profile of polydispersity index versus conversion at the exit of the bed
(one pass and isothermal)
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Figure 5.43: Dynamic profile of molecular weight distribution of polymer at the exit of bed
(one pass and isothermal)
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CHAPTER 6: CONCLUDING REMARKS AND RECOMMENDATIONS

a) Concluding Remarks

A kinetic model has been derived from molar balances of the main components in ethylene
polymerization using multiple sites Ziegler-Natta catalysts. The kinetic scheme accounts for
the formation, initiation and deactivation of active sites as well as for spontaneous transfer
and transfer reactions to hydrogen, monomer and cocatalyst. A two-phase flow structure was
employed 1o takes into account the hydrodynamics of particles inside the bubble phase and

the dynamics of particle concentration in the emulsion phase, in terms of the superficial gas

velocity in the reactor.

The hydrodynamic and kinetic models were integrated together to make a comprehensive
PDE model describing the dynamics the HDPE production along the gas-phase FBR reactor.
The model takes into account the variation of bubble size and bubble and emulsion velocity
along the reactor height. It is capable of predicting profiles of the main polymerizing
componenis (monomer, hydrogen, potential active sites and cocatalyst) and aiso of predicting
of the properties of the polymer such as average molecular weights, polydispersity index and
molecular weight distribution. Hence, the PDE model was integrated using an improved first
order Finite Difference method. The predictive capabilities of the model are tested through

extensive simulation runs that were carried out in order to assess the relative effects of the

main process parameters.

Sensitivity analyses of the operating conditions showed that an inlet gas temperature rise
favours monomer conversion and number and weight average molecular weights of polymer
per one pass in the bed. Higher hydrogen content in the gas feed produces polymers with
lower molecular weight and narrower molecular weight distribution in both bubble and
emulsion phases. Also reducing superficial gas velocity by half almost doubles the conversion

of monomer in the bed. Further, the reactor temperature goes up rapidly with lower superficial
gas velocities in both phases and results in higher E and M, . With a decreasing bubble

growth size in the bed. higher monomer conversion and reactor temperature in the bubble
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phase were predicted. However, simulation tests have shown that the bubble size is not a
critical parameter as claimed by Hatzantonis et al. (2000) and it has little effect on the overall

M,, M, , MWD and PD].

With a recycle stream, monomer conversion can go over 90% in 40 passes. Increasing

number of cycles further resulted in lowering the number and weight average molecular
weights of polymer. Although no data are available to validate the model, the simulation

profiles for monomer conversion and molecular properties of polymer show that the model

provides qualitatively reasonable results, based using proper-patented data only. In particular,

the model confirms a broadened molecular weight distribution, which is typical of

commercial high-density polyethylene.

b) Recommendations

This work can be extended to investigate effects of impurities in the system and modified
further for copolymerization of ethylene. Application of an optimization technique can also
provide more information on the process. Also the model can be further modified to take into
account the jet penetration region and the disengagement zone in the fluidized bed reactor.

In the jetting region, mass and heat transfer rates are expected to be very high and therefore
significantly affect the behaviour of the system in this region. Furthermore, due to the wide
range of particle size in the bed (from small catalyst particles to large polymer particles) a

particle population balance can be employed to predict the particle size distribution in the bed.
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Appendices

Appendix A: Discretized Model for Catalyst, Active Sites, Moments of

Dead Polymer and Temperature

temperature can be written as:

For zeroth moment of dead polymer at site one in the bubble phase:

Y
For case i =—+1:
m

Al p, — = Hovnisa T 3orn i = 3Hovs + (I-¢,) Roon, :
di 2dz g 7

For case i=z—n— (n: N

wigm X M and m: Number of equations):
m

dly pi =y 3Horni =4y et T Horpica + (I-¢,)

R .
dr b 2dz £, HOLAS
.. bn . In
For other values of i (—+1<i<—):
m m
d#m,h.i _ Horpins = Hprpim  (1=g,) R
di = THy 9 dz + p 101.b i
-~ h

For zeroth moment of dead polymer at site two in the bubble phase:

. In
Forcase i =—+1:
m

dr " 2dz g,

7

dptor pi _ ~ Hoapier T Hopnin = 3Hops + (I-¢,)

R/l()Z.h.i

8n
For case i = —:

m

Aptgs 4, -y 3o ni = 4Hua it F Hogpiva + (-¢g,) R
I 2.h.i
dl ' 2dz g, MM

., 7n . _8n
For other values of i(—+1<i<—):
m m
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Discretized model equations for catalyst, active sites, moments of dead polymer and reactor

(A1)

(A2)

(A.3)

(A.4)

(A.5)



Aplgy 4 _ Hozp it ™ Hoa picy + (1-¢,) R

" 2d= £

”
4

02 (A.6)

For zeroth moment of dead polymer at site one in the emulsion phase:

. 8nm
Forcase i =—+1:
m

Allys s -y = Horeinr ¥4 o1 = 3o e + (I-¢.)

df - ¢ 2d’7 & R;lOI.u.i (A'7)
9
For cuse i =22 (n: N iy ¥ m and m: Number of equations):
m
d/um.c.i 3/'{ i 4/‘1 ROVES + /.l RIRES (1 - 8()
Al =i, - ;Ia,? : T2 + A R,uol.c,i (A-S)
For other values in(g—n+ I<i< 27-) :
m m
d/‘un.c.i Hoteiwr " Hmeim  (1-8.)
dt = THU 2dz + < R/l()l.c.i (A9)
For zeroth moment of dead polymer at site two in the emulsion phase:
9
Forcase i = —n+1 :
m
d/—loz,u,i = Hupeiva ¥ 3Horeinr —3Mge;  (1— £,)
dt =l 2dz + & R/102.:.-J (A.IO)
Forcuse i = ﬂ :
m
dpty..; 3turei = AHMareio F Honesa  (1—8,)
:}[ =Y, = ;a'v l el + £ : R;l()Z.L’.i (Al 1)
For other values of i (9_11 +I<ix< lO_n) :
m m
dﬂoz.c.i Mz winy = Mopeim (1~8,)
=, ’ P -+ — R, (A.12)

¢
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The same procedure can be used for the first and second moments of dead polymer

produced at each active site and in each phase. The grid points that have been selected for

numerical solution of these moments are tabulated in Table A.1.

Table A.1 Grid points selected for numerical solution of moments of dead polymer

Moments of dead Site number | Reaction rate Phase Grid number, i
polymer
Zero One R oni Bubble (6n/m)+1 to 7n/m
Zero Twao R 1 Bubble (Tn/m)+1 to 8n/m
Zero One Rorei Emulsion (8n/m)+1 to 9n/m
Zero Two R e Emulsion (Sn/m)+1 to 10n/m
First One R i Bubble (10n/m)+1 to 11n/m
First Two R 2 Bubble (11n/m)+1 to 12n/m
First One R Emulsion (12n/m)+1 to 13n/m
First Two R e Emulsion (13n/m)+1 to 14n/m
Second One R i Bubble (14n/m)+1 to 15n/m
Second Two R ani Bubble (15n/m)+1 to 16n/m
Second One R e Emulsion (16n/m)+1 to 17n/m
Second Two R,z Emulsion (17n/m)+1 to 18n/m

For potential active site of type one in the bubble phase:

Forcase i = 1—%—3-’1 +1:

m
d[(j'(l)]h,i o _[C1‘(l)]l).;'+2 + 4[C‘(l))h.i+l ”‘3[6“(1)]/»1 + (1 "517) R (A 13)
d’ - b ,?.dZ gll (j. “).b-i '
. 19n . ,
Forcase i=—— (n: N, xm nadm: Number of equations):
m
d[Cc’ My, 3[CT D, = 4ICT D, +ICTW,, -
[ ( )}h.l — —11,, ‘)[ ( )]b.l [ ( )]II.I—l [ ( )]h.l——l + (1 gh) R . . (A14)
dr 2dz £, A
For other values of i (g—n—-i-l <i< 1—9—’1) ;
m m
d[C ], Ml -[CTM1, -
[ ( )]h.l = —u, [ ( )]h.l+l [ ( )]h./—\ + (1 gh) R . ‘ (AIS)
dr 2dz & A

Ré-;;réduced with permission of the copyright owner. Further reproduction prohibited without permission.




The same procedure can be used for potential active two produced in bubble phase and

emulsion phase. The grid points that have been selected for numerical solution of these

components are tabulated in Table A.2.

Table A.2 Grid points selected for numerical solution of potential active sites

ST

Potential active site/ Site number Reaction rate Phase Grid number
C'(1),/ One Rey Bubble | (18n/m)+1 to 19n/m
" (2),/ Two Ry, Bubble | (19n/m)+1 to 20n/m
C'(1),/ One R Emulsion | (20n/m)+1 to 21n/m
C'(2),/ Two Ry Emuision | (21n/m)+1 to 22n/m

For uninitiated sites of type one produced by formation reactions in the bubble phase:

For case | = 32—n+ l:
m
diR°(0.D)],; =[RT(OD]ssn + HROD] 0 3[R (OD],;  (1-5,) R
=T, + ponsi  (A16)
df 2dZ 8/1
. 23nm .
Forcase i = (n: N iy x m and m: Number of equations):
m ‘
d[R*(0,D],, 3[R0, —4[R° (O], +IR° (O], . 1—
[ ( )]/, :_uh J[ ( )]I [ ( )]I, 1 [ ( )]I, 2 +( gh)RR.QI i (Al7)
dt 2dz £, (OA7
') “
For other values of i (ﬁ +l<ix< 2"”) :
m m
diR*(0,1}],, R*(O,0Y,,,, —[R*(O,1], . —
[ ( )]I — '_Uh [ ( )]I.l | [ ( )][.',I i + (] gh) . . (Alg)
d/ ZdZ RO A

g,

h

The grid points used for numerical solution of uninitiated sites produced by formation

reactions are tabulated in Table A.3.
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a ‘ Table A.3 Grid points selected for numerical solution of uninitiated sites produced by

formation reactions
Uninitiated site/ Sites number Reaction rate Phase Grid number
R7(0.1},/0ne RR,(OJW Bubble (22n/m)+1 to 23n/m
R*(0,2),/Two RR.(0 216 Bubble (23n/m)+1 to 24n/m
R*(0.1),/One R oty Emulsion | (24n/m)+1 to 25n/m
R (0,2)./Two R, 0200 Emulsion | (25n/m)+1 to 26n/m
For reactor temperature in the bubble phase:
Forcase i= —2——6—)—7— +1:
m
dTh.i = —u, - Tlx<i+2 + 4T/..i+| - 3T/,,; + _ le (Tu,i - Th,i) (A.19)
df ZdZ Cpg gh [M]h,i + (I - gb )plmlym Cp polvn
+ Rp.h,i (1 - gb)(—‘AH)MW n Cp;Khu ([M]c'i —[M]h,i )(Te,i _—Th,i)
Cp_:'gh ['/w]/‘.l' + (] - gh )lofm/j'lll Cp preifyin Cp;’gh {Al]h/ + (l - 8/7 )ppul_l‘lﬂ Cp polym
2
For case i = 2n
m
dTh,i =—u, 3Th.i - 4Th,i~—l + T/..r'—z + i H/w (Tu - T/,.i) (A.20)
dr 2dz Cpg Ep [M]h,i + (1 & )pﬂrh’}'lll CJJ pobvm
+ Rp.lu' (1 - gh )(—AH)MMI + Cp:: Kht' ([A4]e,i - [M]IJ,J' )(T'L'J - Th.i)
(']7;,5;, [M]ll.i + (l —&, )p/mlym Cp polym Cp;gh[M]h,i + (1 - El) )p/mlymcppnlym
| .26
‘ For other values of i (——2 +l<ix< 37}_) :
m m
d,]‘h_i - _uh 37—;1.i+l - 7—‘/l.f—l + — H/u' (71,: - Th_,‘) (A21)
dt 2dz (’pggll [M]h.l' + (] =& )ppux[lrlllcp114;(\'llr
Rp.h‘i(l — &, )(~AH ) Mw + Cp;, K[;u([M]u.i - M‘{]h‘,— )(Tu -7,,)

+ - .
Cpggh [M]h_i + (1 - gh )pllllll’lllcp[ll)l.l’lll Cpggb [M]h_i + (l - gh )ppn/_wu Cppul_wn
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For reactor temperature in the emulsion phase:

For case i = &+1 :
m
dTui —Tui+7+4Tc'i+l-—3Tui 5Hhu(Thi—Tei)
<=y, L7 : LA . : : (A.22)
dr 2dz (l - 5){Cpg€v [M](I + (1 - gu )p/ml)vucp /'m/_wu}
+ R/:,u,k (I-&, ) —AH)Mw + 5(]7; K, ([‘A/f]h,i - [M]u.k X — Th.l)
Cp;gl' [M](Iu + (l - E(' )IO/I::{\'/JI Cppulym (1 - 5) {Cp;’gc [M]c.k + (] - gu )plmlym Cppu/ym}
2
Forcase i = —-817— N
nt
dT .. 37, —4T, . +T, . oH, (IT,.-T..
ed — __ul. 2 e e~ ei-2 + — h‘( h.i L,I) (A.23)
dr 2dz (1 - 5) {Cpggc [M]u.i + (1 —£, )p/ml_wu Cppulym }

R, (A=g -AH)YMw + 5Cp;:Khu ([M]h,i - [M]u)(Tu - Th‘i)

ped

t—= ; .
C"[)g 8:.' [M]ll + (] - gc )pllllll'lllc'p]7“[.\‘1H (l - 5){Cpx£u [M]c.i + (1 - 8(: )ppulyul Cp]'m/ylll }

For other values of i (27_n +1<i< 2Egﬁ) :
m m
dT,, 37,071, 6H, (T,.-T,.
e - "'H“ 2 i+l e.i—t + _ he ( b LJ) (A.24)
dt 2dz (1 - 5) {Cpggc [M]u.i + (1 -, )ppnlwucppn/_wn}
R,.i(1 =€ )(-AH)Mw &Cp K, ([M),, (M1 = T)

+ 5 + <
Cp;:gu [A'{ll + (1 - 8“ )ppu/wn Cp/mlwn (] - 5){C})ggu [M]L: + (1 - ge)ppulym Cppn/_wu }
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Figure A.1: Schematic Diagram of the Numerical Solution Algorithm

» Grid point

: W 7=H
| )
i &— dz —ﬁ .
§ ..gl For Monomer (Bubble Phase) &
{ i=1 : —&By & @ ~ iI=Ngrigp=n/m
i For Mé¢nomer (Emulsion Phase) | : .
Eoi=(n/m)+l & i— '@ & i=2Ngrigp=20/m
L For Hyfirogen (Bubb}e Phase) | : . _
{ =2 n/m)+} £ @ é_\r _;1 i=3N grzap.~3 n/m
; For Hydrogen (Emufkion Phase) | :
E\i—;{3n/m)+1 5 & (“E‘Z)— é ) i=4Ngridpl=4n/m
For C({catalvst ( Bubl)le Phase) '} E
“E(4n/mt] & & - - & § i=5Ngig=Sn/m
For Cr*cmalvst (EmJlsion Phase) | |
=(5n/my+]l - P - - B~ -~ ===~ &--------- B i=6Ny,=6n/m
For ZerotbiMoment ofl*ad polymer (EBubble Phase)
T B R T .o - S & G-~ P i=TNgiap=Tn/m
o For Zeroth ‘Momem of D*}ﬁd polymer (lEmulsion Pha:se) .
Ci=(To/m)+) 3 & - =8N 1gp=80/m
1
1
t

:

g}i=( 27n/mY+1 & — g FONgigy=n

£

4

T s
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Appendix B: Steady-State Model Supplementary Figures

Figure B.1: Profile of catalyst concentration versus reactor axial position (isothermal)
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Figure B.2: Profile of cocatalyst concentration versus reactor axial position (isothermal)
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Figure B.3: Profile of chain transfer agent concentration versus reactor axial position

(isothermal)
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Figure B.4: Profile of polymerization rate versus conversion (isothermal}
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Figure B.5: Profile of bubble growth versus reactor axial position (isothermal)

14 Figure B.5: Profile of Bubble Size Along The Bed
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Figure B.6: Profile of catalyst concentration versus reactor axial position {non-isothermal)
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Figure B.7: Profile of cocatalyst concentration versus reactor axial position (non-isothermal)
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Figure B.8: Profile of hydrogen concentration versus reactor axial position (non-isothermal)
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Figure B.9: Profile of polymerization rate versus conversion (non-isothermal)
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Appendix C: Parametric Study Supplementary Figures

Figure C.1: The effect of superficial gas velocity on profile of catalyst concentration versus
reactor axial position
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Figure C.2: The effect of superficial gas velocity on profile of cocatalyst concentration
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Figure C.3: The effect of superficial g- = velocity on profile of hydrogen concentration versus
reactor axial position
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Figure C.4: The effect of superficial gas velocity on Profile of polymerization rate versus
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Figure C.5: The effect of superficial gas velocitv 7 profile of bubble growth versus reactor
axial position

15 Figure C.5: Profile of Bubble S " "ong The Bed
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Figure C.6: The effect of mean particle size on profile of catalyst concentration along the bed

height
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Figure C.7: The effect of mean particle size on profile of cocatalyst concentration versus
reactor axial position
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Figure C.8: The effect of mean particle size on profile of hydrogen concentration versus
reactor axial position
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Figure C.9: The effect of mean particle size on profile of polymerization rate versus

conversion

. 10° Figure C.9.a: Polymerization Rate (Bubble Phase)
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Figure C.10: The effect of mean particle size on Profile of bubble growth versus reactor axial
position
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Figure C.11: The effect of gas feed temperature on profile of catalyst concentration versus
reactor axial position
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Figure C.12: The effect of gas feed temperature on profile of cocatalyst concentration versus
reactor axial position
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Figure C.13: The effect of gas feed temperature on profile of hydrogen concentration versus
reactor axial position
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Figure C.14: The effect of gas feed temperature on profile of polymerization rate versus

conversion
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Figure C.15: The effect of bubble size on profile of catalyst concentration versus reactor axial

position
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Figure C.16: The effect of bubble size on profile of cocatalyst concentration versus reactor
axial position
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Figure C.17: The effect of bubble size on profile of hydrogen concentration versus reactor
axial position '
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Figure C.18: The effect of bubble size on profile of bubble growth versus reactor length
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Figure C.19: The effect of recycle stream on profile of catalyst concentration versus reactor

axial position
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Figure C.20: The effect of recycle stream on profile of cocatalyst concentration versus reactor

axial position
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Figure C.21: The effect of recycle stream on profile of hydrogen concentration versus reactor
axial position
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Figure C.22: The effect of recycle stream on profile of polymerization rate versus conversion
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Appendix D: Dynamic Model Supplementary Figcures

Figure D.1: Profile of catalyst concentration versus time at the exit of the bed (one pass and

isothermal)
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Figure D.2: Profile of cocatalyst concentration versus reactor axial position (one pass)
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Figure D.3: Profile of hydrogen concentration versus reactor axial position (one pass and

isothermal)
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Figure D.4: Profile of polymerization rate versus conversion (one pass and isothermal)
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